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The more I see, the less I know for sure 
 
John Lennon 
 
 
 
 
 
True happiness is to enjoy the present,  
without anxious dependence upon the future,  
not to amuse ourselves with either hopes or fears  
but to rest satisfied with what we have,  
which is sufficient, for he that is so wants nothing.  
The greatest blessings of mankind are within us 
 and within our reach. A wise man is content with his lot,  
whatever it may be, without wishing for what he has not. 
 
Lucius Annaeus Seneca 
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Abstract
Lithium has become an important raw material in various sectors because of the continu-
ously growing market of its derivative products, in particular of rechargeable batteries. Its
demand is expected to grow hugely in the near future, due to the development and spread
of hybrid and fully electric vehicles and of lithium-ion batteries for stationary energy stor-
age [1, 2]. Currently, lithium is mainly extracted from brine by means of the lime-soda
evaporation process, consisting in a solar evaporation to increase its initial concentration
and other following chemical treatments to remove unwanted cations. This process has
several disadvantages, such as the unreliability due to the weather conditions, the wa-
ter consumption, the slowness, and the large amount of chemical wastage. Therefore, a
more efficient, faster and environmental friendly lithium recovery technology is urgently
needed.
In the last decade, many efforts have been done in order to find better alternatives
for the extraction of lithium from brine. In particular, La Mantia et al. [3, 4, 5, 6, 7,
8, 9] have firstly introduced a new technique, known as electrochemical ion pumping.
The electrochemical ion pumping technique consists in applying a current to extract
lithium cations from brine, driving them in a lithium-selective electrode by means of the
intercalation mechanism. The cations are then released in a recovery solution applying the
current in the opposite direction. The lighter environmental impact and the higher speed
of this technique compared to the lime-soda evaporation process make the electrochemical
ion pumping a good alternative for the lithium production.
The other problem related to the production of lithium regards its global sources.
The brine sources with a relative high lithium concentration to be exploited through
the evaporation-based process are located mostly in South America. Together with the
increase in the demand, the economic monopoly of lithium production is the reason of
lithium increasing price. On this grounds, the diversification of the lithium supply will
play an important role in the spread and competitiveness of lithium based technologies.
The possibility to exploit other more diluted lithium sources (10-50 mg/l of lithium con-
centration), such as geothermal waters, brines produced in salt-works, waste waters from
gas and oil extraction wells, is of worldwide interest.
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The aim of this PhD thesis has been to design and test a suitable electrochemical
reactor for the extraction of lithium through electrochemical ion pumping from diluted
brines, down to a lithium concentration of 7 mg/l (1 mM). The extraction from low
concentrated solution is challenging due to the mass transport limitations in the liquid
phase that reduce the process efficiency. Therefore a flow-through electrodes reactor has
been designed, in order to improve the mass transport by adding a convective flux of the
electrolyte.
Firstly, a preliminary study of the thermodynamic behavior of the materials used
in the reactor was carried out. Then the capturing process has been implemented and
investigated at various conditions. The capture efficiency was tested at various lithium
concentrations and flow rates, finding that the amount of captured lithium increases
with the flow rate up to a maximum value that decreases with the concentrations. The
efficiency at low concentrations has been optimized by improving the active material
distribution on the electrode. Further investigations on the capturing process have been
carried out at various currents. The results show that, by decreasing the current, the
amount of captured lithium increases, while the flow rate to be applied reduces, thus
sparing hydraulic energy.
A mathematical model has been developed to explain and support the experimental
results. The model is based on a simplified description of the electrode porous distribution
and it reproduces the experimental behavior at various flow rates, concentrations, porous
distributions and currents. The results show that the model can be used to investigate
the optimal process parameters and to size the cell components.
Finally the total process (capturing and release) has been performed. More than one
litre of brine at 1 mM LiCl was treated, extracting lithium with a capturing yield of 60%.
The lithium cations were released back in 5 ml of solution reaching a concentration of 100
mM (700 mg/l) and a purity of 94%, with a release efficiency of 75%.
The high achieved concentration and purity of the final solution demonstrate that the
developed reactor can extract efficiently lithium from diluted brine and it represents a
valid response to the envisaged lithium market demand.
iv
Kurzfassung
Lithium ist aufgrund des kontinuierlich wachsenden Marktes fu¨r seine Derivatpro-
dukte, insbesondere fu¨r wiederaufladbare Batterien, zu einem wichtigen Rohstoff in
verschiedenen Bereichen geworden. Aufgrund der Entwicklung und Verbreitung von
Hybrid- und Vollelektrofahrzeugen sowie von Lithium-Ionen-Batterien zur stationa¨ren
Energiespeicherung, du¨rfte die Nachfrage in naher Zukunft massiv steigen [1, 2].
Derzeit wird Lithium hauptsa¨chlich aus Sole durch das Kalksoda-Verdampfungsverfahren
gewonnen, das aus einer solaren Verdampfung zur Erho¨hung der Anfangskonzentration
und weiteren chemischen Behandlungen zur Entfernung unerwu¨nschter Kationen
besteht. Dieses Verfahren hat mehrere Nachteile, wie die Unzuverla¨ssigkeit aufgrund
der Wetterbedingungen, den Wasserverbrauch, die Langsamkeit und die große
Menge an Chemikalienverschwendung. Daher ist eine effizientere, schnellere und
umweltfreundlichere Lithium-Ru¨ckgewinnungstechnologie dringend erforderlich.
In den letzten zehn Jahren wurden viele Anstrengungen unternommen, um bessere
Alternativen fu¨r die Gewinnung von Lithium aus Sole zu finden. Insbesondere La Mantia
et al. [3, 4, 5, 6, 7, 8, 9] haben zuna¨chst eine neue Technik eingefu¨hrt, das so genannte
elektrochemische Ionenpumpen. Die elektrochemische Ionenpumptechnik besteht darin,
einen Strom anzulegen, um Lithiumkationen aus der Sole zu extrahieren und sie mittels
des Interkalationsmechanismus in einer lithiumselektiven Elektrode anzureichern. Die
Kationen werden dann in einer Ru¨ckgewinnungslo¨sung freigesetzt, wobei der Strom in die
entgegengesetzte Richtung geleitet wird. Die geringere Umweltbelastung und die ho¨here
Geschwindigkeit dieser Technik im Vergleich zum Kalksoda-Verdampfungsprozess machen
das elektrochemische Ionenpumpen zu einer guten Alternative fu¨r die Lithiumherstellung.
Das andere Problem im Zusammenhang mit der Produktion von Lithium betrifft die
globalen Quellen. Die Solequellen mit einer relativ hohen Lithiumkonzentration, die durch
den verdampfungsbasierten Prozess genutzt werden sollen, befinden sich u¨berwiegend in
Su¨damerika. Das wirtschaftliche Monopol der Lithiumproduktion ist neben der steigen-
den Nachfrage der Grund fu¨r die Verteuerung von Lithium. Aus diesem Grund wird
die Diversifizierung der Lithiumversorgung eine wichtige Rolle bei der Verbreitung und
Wettbewerbsfa¨higkeit von lithiumbasierten Technologien spielen.
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Die Mo¨glichkeit andere verdu¨nnte Lithiumquellen (10-50 mg/l Lithiumkonzentration)
zu nutzen, wie geothermisches Wasser, in Salinen produzierte Sole, Abwa¨sser aus Gas-
und O¨lgewinnungsbohrungen, ist weltweit von Interesse.
Ziel dieser Dissertation war es, einen geeigneten elektrochemischen Reaktor fu¨r die
Extraktion von Lithium durch elektrochemisches Ionenpumpen aus verdu¨nnten Solen bis
zu einer Lithiumkonzentration von 7 mg/l (1 mM) zu entwickeln und zu testen.
Eine Herausforderung ist die Extraktion aus niedrig konzentrierter Lo¨sung, da die
Beschra¨nkung des Massentransports in der Flu¨ssigphase die Prozesseffizienz reduziert.
Daher wurde ein Durchfluss-Elektrodenreaktor entworfen, um den Massentransport durch
Zugabe eines konvektiven Stroms des Elektrolyten zu verbessern.
Zuna¨chst wurde eine Vorstudie u¨ber das thermodynamische Verhalten der im Reaktor
verwendeten Materialien durchgefu¨hrt.
Dann wurde der Einlagerungsprozess implementiert und unter verschiedenen Bedin-
gungen untersucht. Die Einlagerungseffizienz wurde bei verschiedenen Lithiumkonzentra-
tionen und -durchflussraten getestet und ergab, dass die Menge des eingeladerten Lithi-
ums mit der Durchflussmenge bis zu einem Maximalwert zunimmt, der mit den Konzen-
trationen abnimmt. Der Wirkungsgrad bei niedrigen Konzentrationen wurde durch die
Verbesserung der Verteilung des aktiven Materials auf der Elektrode optimiert.
Weitere Untersuchungen zum Einlagerungsprozess wurden bei verschiedenen
Stro¨mungen durchgefu¨hrt. Die Ergebnisse zeigen, dass durch die Verringerung des
Stroms die Menge des eingeladerten Lithiums zunimmt, wa¨hrend die anzuwendende
Durchflussmenge abnimmt und somit die hydraulische Energie gespart wird.
Zur Erkla¨rung und Unterstu¨tzung der experimentellen Ergebnisse wurde ein math-
ematisches Modell entwickelt. Das Modell basiert auf einer vereinfachten Beschreibung
der poro¨sen Elektrodenverteilung und reproduziert das experimentelle Verhalten bei ver-
schiedenen Durchflussraten, Konzentrationen, poro¨sen Verteilungen und Stro¨mungen. Die
Ergebnisse zeigen, dass das Modell verwendet werden kann, um die optimalen Prozesspa-
rameter zu untersuchen und die Zellkomponenten zu dimensionieren.
Schließlich wurde der gesamte Prozess (Einlagerung und Auslagerung) durchgefu¨hrt.
Mehr als ein Liter Sole bei 1 mM LiCl wurde behandelt und Lithium mit einer
einlagerungsrate von 60% extrahiert. Die Lithium-Kationen wurden in 5 ml Lo¨sung
zuru¨ckgesetzt und erreichten eine Konzentration von 100 mM (700 mg/l) und eine
Reinheit von 94% bei einer Freisetzungseffizienz von 75%.
Die hohe erreichte Konzentration und Reinheit der Endlo¨sung zeigt, dass der entwick-
elte Reaktor Lithium effizient aus verdu¨nnter Sole extrahieren kann und stellt eine gu¨ltige
Antwort auf die geplante Nachfrage des Lithiummarktes dar.
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Chapter 1
Introduction
1.1 Current lithium sources and extraction
As raw material, lithium has always been used for several applications in various produc-
tion sectors, such as the ones of ceramics, glass materials, greases, aluminium and others.
In the last twenty years, the global interest on lithium has raised for its use in green
energy applications. Thanks to their high energy density and high voltage, lithium-ion
batteries are indeed the most promising technology to substitute, at least partially, fossil
fuels for powering the vehicles and to reduce the CO2 global emissions.
Fig. 1.1 shows the market forecast of lithium demand for various applications. Ac-
cording to predictions, lithium demand will largely increase in future, up to 534 Ktons
per year in 2025, which is almost twice the value in the current year. While demand of
lithium from the Li-ion batteries traditional market (mainly for powering portable elec-
tronic devices) and for non-battery applications will remain approximately constant, the
major contribution to the future increase of the lithium request is given by the electrical
and hybrid vehicles industry. Indeed, lithium-ion batteries are one of the most suitable
technology for powering electric transports, together with fuel cells [1]. Lithium-ion bat-
teries may be also used on bigger scale to accumulate energy produced by renewable
sources [2]. Growth of energy storage market will also partially contribute to the increase
of lithium demand.
If the lithium demand trend will keep to increase and the production of lithium will not
match the market demand, its price will continue to raise, making the lithium technologies
less economically competitive. Right now, lithium is moderately cheap (16000$ per ton of
battery grade Li2CO3), even if its price has been already doubled in the last two years [11],
and it will continue to increase in the next years, along with its demand [12].
Global sources of lithium are mainly divided into ores and brine. Vikstro¨m et al. [13]
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Figure 1.1: Forecast of market demand of lithium carbonate until to 2025, differentiated
for each industrial use. The major contribution to its increase is given by the electromo-
bility and energy storage. Adapted from [10].
in 2013 estimated lithium resources amounts from hard rocks and for brines, finding that
the brine sources are approximately double of the estimated amount of minerals [13].
Moreover, considering only the amount of lithium needed for powering electric vehicles,
it is forecast that in the next two decades the lithium demand will exceed twice to six
times the capability of its mineral sources [14].
As reported by Flexer et al. [15], the extraction of lithium from hard rocks requires
various hydrometallurgical steps: the ore crushing and heating, the cooling and milling
into a fine powder, the mixing with sulphuric acid, and the roasting. Moreover, the
powder has to be filtered in order to separate it from the waste, and magnesium and
calcium are removed through precipitation. Finally, lithium carbonate is crystallized by
adding soda ash, and it is then filtered and dried. Of course, the steps of this process may
change depending on the given mineral and its composition. Such hydrometallurgical
process is very used in the areas where mineral deposits are present (for example China
and Australia that are currently lithium self-producers [16]), although its costs are twice
than the ones of lithium extraction from brine.
The easiest and most economically competitive production is the extraction from
brines. The term “brine” refers to a saline solution, where the salinity is much higher
than sea water (170-330 g/L).
Lithium brines are mostly concentrated in a small region of South America, called
“Lithium Triangle” which crosses the borders of Chile, Bolivia and Argentina [16], and it
is estimated to have 80% of the world lithium brine resources [15]. There, lithium has a
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concentration of circa 300 mg/l and other present cations are Na+ (in highest amount),
K+, Mg2+ and Ca2+. The anion mostly present is Cl– , with lower amounts of CO−23 ,
SO−24 and borates [15].
The relatively high concentration of lithium allows its extraction through an
evaporation-based technology, called lime-soda evaporation process. This method
consists of pumping brine from beneath the crust of the salt lake into a series of large
open air shallow evaporation ponds. In this way, the brine concentration goes from 300
ppm to 5000 ppm, and some of the more abundant undesired cations precipitate at the
same time. Chemical species that do not precipitate spontaneously must be removed
with post chemical treatments, depending on the type and amount of the species. Most
of the cations that remain after the evaporation step are magnesium and borates.
Magnesium cations are removed through a precipitation step with lime, the borates are
instead eliminated through a solvent extraction step. Finally, the Li2CO3 is precipitated
by adding sodium carbonate [15, 17].
Although having low costs and high margin profits, the lime-soda evaporation process
has many disadvantages. First of all, since it is based on solar evaporation, the process is
very slow. The period of time between the pumping of brine and the lithium carbonate
precipitation is about 1-2 years. Currently, the lithium global production capacity from
brine is 120.5 Ktons/year [15], which, according to the predictions, will not be enough to
cover the lithium market demand in the near future (see Fig. 1.1).
Secondly, its efficiency depends on highly unreliable factors, like weather conditions,
such as rainfall and wind [18]. Furthermore, it delivers large waste products, due to the
chemical treatments that follow the evaporation, and it is highly water consuming. Half
a million litres of brine have to be evaporated per ton of Li2CO3 produced [15]. This
problem is accentuated by the fact that these lakes are located in an area already affected
by drought. To sum up, the attempt to move towards the use of green energies through
lithium-ion batteries, thus decreasing the overall CO2 emissions, risks to be hindered by
a lithium production method that causes a severe environmental impact.
1.2 State of the art: technologies for lithium extrac-
tion
Many efforts have been made by researchers in order to find more sustainable ways to
extract lithium. The precipitation of lithium from brines as aluminate has been one of the
first investigated techniques [19, 20, 21]. The precipitation is achieved through addition
of aluminium salts, after a pH adjustment of the brine. Although this process allows to
recover 80% of lithium in solution, the final purity strongly depends on the Mg/Li ratio in
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solution, and on the presence of other cationic species, since aluminium compounds show
a not negligible affinity to other alkaline cations [? ]. Moreover, after the precipitation
step, lithium has to be separated from aluminum through liquid-liquid extraction [20],
or dissolution in sulphuric acid [19]. Hence, the overall process requires large amount
of chemicals: acid or bases to adjust the pH prior to precipitation, and large amount of
sulphuric acid to further separate lithium from aluminum through dissolution.
Another studied technique to recover lithium from brine is adsorption. Among the
most promising materials that can selectively adsorb lithium there are MnO2 [22, 23],
Li1 · 6Mn1 · 6O4 [24], H2TiO3 [25, 26] and H1.6Mn1.6O4 [27], which have a good rate of
adsorption of lithium (circa 35 mg/g). Among these materials, the best are the manganese
oxides-based ones due to their high selectivity and high capacity. Since they work as ion
exchangers, the process needs a strong acidic solution, like HCl, as eluent to regenerate
the material. The regeneration step involves the replacement of Li+ ions by H+ ions.
Also in this case, high volumes of acids are needed to finally recover lithium cations.
Traditional liquid-liquid extraction of lithium from brines has been reported [28, 29,
30], with various organic solvents such as diethyl ether or alcohols. This technique is based
on the higher solubility of the LiCl in organic matrix than NaCl and KCl, that allows the
selective extraction of Li ions through absorption in organic solvents. The main problem
of this technique is the low selectivity in presence of MgCl2, due to its similar solubility to
LiCl in organic liquid. One way to increase the selectivity of the process is to modify the
pH of brines or to add a coextracting agent to the organic solvent, even if the latter often
leads to formation of unwanted third phases [28]. Moreover, doubts have been raised on
the scalability of the process, due to the challenging selection of the equipment materials,
which is subjected to a severe corrosion [15].
A new technology investigated in the recent years is the lithium extraction through
membranes. Since the most problematic cation for the lithium separation is magnesium,
which is normally present in high amount in lithium brines, various works have focused
on the separation of lithium from magnesium through nanofiltration [31, 32]. Nanofil-
tration membranes have pore size of 1-10 nm and allow the passage of monovalent hy-
drated cations, blocking the hydrated divalent cations. The separation efficiency depends
strongly on Mg/Li ratio and it works for values <20. The membrane process needs to
be further integrated with other technologies to separate other monovalent cations and
normally it has high operational costs due to the fouling [31].
Selective membranes have been used also in electrochemical applications. As an ex-
ample, the electrodyalisis consists on applying an electric field in order to separate or to
concentrate a salt, and exploiting the inverse flux of opposite charged ions using mem-
branes that allow the selective passage of cations or anions only. Using a membrane
selective to monovalent cations, a separation between Mg and Li ions can be obtained
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through high applied voltage [33].
The presence of other cationic species than lithium has been always the main obstacle
to the development of an alternative strategy for the lithium extraction from brines.
The use of additional chemicals is almost always necessary, as well as various unitary
operations to get the desired separation.
The challenge is to find an environmental friendly extraction technology that allows
to selectively capture lithium, possibly in a one unitary operation. One step further
in this direction has been achieved by Kanoh et al. in the 90s, who were the first to
use a battery material to electrochemically capture lithium among other cations [34,
35]. They used spinel λ-MnO2, since it shows a high electrochemical selectivity towards
lithium. Together with LiCoO2 and LiFePO4, λ-MnO2 is one of the most used materials
in lithium-ion batteries. The Li+ capturing is achieved through intercalation, the process
on which the rechargeable batteries are based. The cell proposed by Kanoh et al. [34]
works with λ-MnO2 as a working electrode, that intercalates lithium from solution during
its reduction, and a Pt-wire as a counter electrode. In this case, the counter reaction is
oxygen generation, which leads to a variation of pH during the process and it has a slow
kinetic. The idea to exploit the mechanism of intercalation found its final development
in the 2010s with the invention of electrochemical ion pumping techniques.
1.3 The electrochemical ion pumping techniques
In 2012 Pasta et al. presented for the first time a battery-like technology for the extraction
of lithium from brine, that belongs to the “electrochemical ion pumping techniques”
group. This technique took inspiration from the work of Kanoh et al. [34], but in a revised
way. Indeed, it is based on the previously developed “mixing entropy battery” [36] and
“desalination battery” [4].
The mixing entropy battery is an electrochemical device, whose aim is to generate
energy by exploiting two solutions at different concentrations. If a transfer of ions from
a high concentrated solution to a low concentrated solution takes place, a loss of mixing
free energy occurs, which can be converted in electric work, if performed close to the
reversibility [37]. Briefly, the mixing entropy battery is based on a four-stage process, as
shown in Fig. 1.2.
In the first step, an anion-capturing electrode and a cation-capturing electrode are in
contact with a concentrated solution, for example sea water. Applying a current in the
circuit in one direction, the ions that are in the solution are driven inside the electrodes.
In the second step, the circuit is open and a diluted solution (for example river water)
is flushed inside the reactor. During the third step, a current with opposite direction
is applied and the ions are released in the diluted solution. In the fourth step, the
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Figure 1.2: Scheme of the four stages of the mixing entropy battery (a). Typical cell
voltage difference vs. charge (b). The integral between the charge and discharge curves
is the extractable energy. Adapted from [36].
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Figure 1.3: Scheme of the four stages of the desalination battery. Adapted from [4].
concentrated solution can be flushed again in the cell, and the cycle can start from the
beginning.
During the application of current, the system acts as a battery, namely it produces
energy, or as an electrolyzer, requiring energy. The spontaneous direction of the reaction
depends on the nature of the electrodes that are used or, in other words, on the Gibbs
free energy of the total reaction.
After a complete cycle, the system has produced energy because the step where the
device acts as a battery (known as discharge, that may be the second or the fourth step)
occurs at higher potential with respect to the other (charge). This difference of potential
depends on the difference of concentration between the two solutions.
The cycle in voltage vs. charge plot (Fig. 1.2, (b)) must be counter-clockwise, so that
the discharge step of the cell occurs always at higher potential with respect to the charge
step [37]. The area included between the two curves is the total extractable energy of
the process, which depends on the difference of free energy of the solutions between the
starting and the ending point of the cycle and on the electrochemical losses related to the
process.
Based on the “mixing entropy battery” concept, the “desalination battery” was de-
veloped. This is a technology aimed to desalinate water, transferring ions from a lower
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concentrated solution (sea water) to a higher concentrated solution (brine). The term
“battery” is indeed a misused name, because the system requires energy to run. The
scheme of the process is reported in Fig. 1.3: in the first step cations and anions are
captured from sea water and inserted into two different electrodes. During the second
step another solution is flushed into the cell, and in the third step the release of ions takes
place. At the end of the cycle, deionized water and brine are obtained. The cycle cell
voltage vs. charge is the same as the one in Fig. 1.2, (b), but it occurs clock-wise, namely
the charge takes place at higher potential than the discharge. The ions mostly present in
sea water are sodium and chloride cations, therefore the electrodes are a sodium capturing
electrode (Na2Mn5O10) and silver, which reacts with Cl
– ions forming AgCl [4].
Based on this technique, Pasta et al. proposed a “desalination battery” to selectively
extract lithium [3], transferring it from a lithium diluted brine to a concentrated one.
Lithium iron phosphate, (LiFePO4) an active material typically used in lithium-ion bat-
teries, is employed as a lithium capturing electrode and Ag/AgCl as a chlorine capturing
electrode. The reaction occurring in the system is the following:
FePO4 +Ag + LiCl −−⇀↽− LiFePO4 +AgCl (1.1)
The four stages of the process are the same as the ones described above, with the
difference that this time the aim is to obtain a lithium concentrated solution. The scheme
is represented in Fig. 1.4.
In the first step, iron in the FePO4 is reduced from Fe(III) to Fe(II), and lithium
cations are intercalated within the material lattice forming an olivine structure with the
phosphate and the iron LiFePO4 (LFP), while the silver is oxidized forming AgCl. In
the second step a recovery solution initially free of lithium is flushed into the cell. In the
third step LFP is oxidized releasing lithium in solution and AgCl is reduced back to Ag
releasing chloride ions. In the fourth step lithium brine is flushed again in the cell and
the cycle can start over.
This method leads to very high purity of lithium with respect to other cations
(99.88%), starting from a solution containing K+, Mg2+ and Na+ [5]. It is much more
efficient in term of required energy than the LMO/Pt system presented previously by
Kanoh [34, 35], in which during the lithium insertion, oxygen evolution takes place at
the Pt electrode, leading to high energy consumption.
However, the use of Ag as an ion-capturing electrode is costly, and the formation of
AgCl during the first step is the highest energy-consuming step of the process [4].
Therefore, various studies have been focused on finding an alternative to Ag. Missoni
et al. [9] have substituted Ag with polypyrrole, a polymer that shows an anion-exchange
behavior, if properly doped. They investigated its stability in aqueous solution and the
energy efficiency of the system, revealing that polypyrrole is a good alternative to Ag for
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lithium recovery through salt-capturing.
Nickel Hexacyanoferrate (NiHCF) has been proposed as an efficient alternative ma-
terial for substituting the Ag. It belongs to the open-framework materials family having
Prussian Blue-like crystal structure. Such materials are under current development as
candidates for the positive electrodes in Na- and K-ion batteries [38]. Their production
method is inexpensive and they show a very good capacity retention, long cycle life and
fast kinetics [39, 40]. NiHCF has an “open structure” with large interstitial sites, where
alkaline cations can be hosted and transferred with fast kinetics. Details on the structure
and thermodynamic behavior of NiHCF are discussed in Section 4.2.
NiHCF has been employed in lithium recovery from brines, as a lithium excluding
electrode. Indeed, it shows a high affinity with sodium and potassium, compared to
lithium [7]. The use of NiHCF leads to a different process scheme: during the lithium
capturing (I step), which corresponds to the reduction of LFP, NiHCF is oxidized, releas-
ing cationic species in brine. During the lithium release step (III step), NiHCF captures
cations from recovery solution. This mechanism has been named selective-ion-exchange,
since lithium is exchanged with the other cations present in the recovery solution. Hence,
during the recovery step, the lithium concentration is increased and the concentrations of
other cations is decreased in the solution. This allows the achievement of a good lithium
purity, even when the starting solution is a recovery solution enriched with other species,
like NaCl or KCl, such as brines. The scheme of the technique is represented in Fig. 1.5.
This technology has been tested using a solution with the same composition of the
Salar of Atacama as a starting brine [7]. Salar of Atacama is one of the lakes present
in the “Lithium Triangle” in South America (40 mM LiCl, 786 mM NaCl, 100 mM
KCl, 70 mM MgCl2). Hereafter this solution will be called “simil-Atacama” solution for
simplicity sake. In only one cycle the recovery solution is enriched up to 92 mM LiCl
concentration. Lithium purity achieved in one cycle is instead relatively low (11-75%,
depending on the recovery solution used) due to the presence of other cations. The purity
can be increased by making more cycles, performing further the exchange of lithium in
the recovery solution.
Due to the low capacity retention of LiFePO4 in aqueous environment [6], this mate-
rial has been substituted by LiMn2O4 (LMO). LMO structure has tetrahedral sites where
Li+ cations are hosted during the reduction of manganese (details on structure and in-
tercalation of Li+ in LMO are reported in Section 4.1). Therefore, the semi-reactions
occurring are:
Li+ + λ−Mn2O4 + e− −−⇀↽− LiMn2O4 (1.2)
MK[NiFe(CN)6] −−⇀↽− K[NiFe(CN6)] + M+ + e− (1.3)
LMO shows a very good selectivity against K+, Na+, Mg2+ and it has really good
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Figure 1.5: Scheme of the four stages of lithium recovery through selective ion exchange.
Adapted from [7].
stability upon cycles in brine: after a capacity drop of 20% in the first cycles, it remains
constant around 100 mAh/g, which is only slightly lower than the LMO capacity in
aqueous battery [6].
The higher rate of lithium production is an advantage of electrochemical ion pumping
techniques respect to conventional evaporation processes. An hypothetical reactor work-
ing at 0.5 mA/cm2, having the same volume of the evaporation tanks filled from Salar
of Atacama, would extract in 8 days the amount of lithium currently extracted in one
year [41]. This would give a significant contribution to lithium production, considering
its predicted increasing demand.
Until now, research on lithium extraction by means of electrochemical ion pumping
has focused mostly on the technique development, in order to find the best materials
to obtain good lithium selectivities, reaching a high final concentration and purity and
investigating the reaction efficiency. No research has been directed to the development
of suitable cell geometries to run the process. Lithium enriched solution volumes are still
relatively small (350 µL) and the process has been carried out in two electrochemical cells,
one for the step of capturing, and another for the release [5, 6, 7, 42]. The electrodes
were mechanically moved from a cell to the other between the two steps. This operation
complicates the scalability of the process for industrial application. The design of a reactor
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where both steps can be performed is fundamental to make this technology competitive
in the industrial market, as well as the increase of volume of the final solution.
1.4 The diversification of the lithium sources
As illustrated so far, the development of lithium extraction by means of electrochemical
ion pumping has focused on solutions similar to the brines available in South America,
which have a relatively high concentration of lithium chloride (250-300 mg/l).
Nevertheless, the diversification of the lithium supplies may be a step forward to
the global lithium production increase and to the further development and spread of
technologies based on lithium ion batteries. Indeed, while USA and China are currently
lithium self-producers, Europe is a net lithium importer [16]. The only net exporters
of lithium carbonate are Argentina, Bolivia and Chile, that are reach of brine sources.
Together with the increasing demand, the economic monopoly of lithium production is
the main reason of lithium price soaring. Therefore, the opportunity to employ other
and more diluted sources of lithium, situated in various parts of the world, could be
of worldwide interest. Such sources are relatively widespread, and include geothermal
waters, brines produced in salt-works (10-50 mg/l of lithium concentration), waste waters
from gas and oil extraction wells.
Extraction of lithium from diluted brine has been widely investigated [17], as it may
be a fundamental step towards the future extraction of lithium from seawater (170 µg/l),
considering that the oceans, with their estimated-amount of 2 106 Mtons of lithium, could
be an unlimited lithium source in the future [13].
The main problem of extraction from diluted brine is obviously low concentration
of lithium that makes the capturing step quite inefficient. High amount of other alkali
metals and additional species in solution make the process even more challenging.
Ion-exchange by resins are employed in semi-industrial scale in United States for
lithium extraction from salt lakes [43], and precipitation through alumina salts have been
investigated for the extraction from thermal waters in Japan [44, 45] and from the Dead
Sea in Israel [19, 21]. Concentration of lithium in these brines is circa 10 mg/l. These pro-
cesses reach good yields (circa 90-95% [21, 45]) through prior modification of brine pH, if
no competitive metals or other disturbing species are present in solution. Hence upstream
processes like precipitations or chemical treatments are necessary for brine modification,
as well as downstream processes to separate lithium from the active material after the
capturing [15].
The use of electrochemical ion pumping for extraction of lithium from diluted brine is
attractive for the insertion mechanism in the active material, that involves only electrons
as a reactant, and it does not require the use of other chemicals for the final separation.
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The final product is a pure and concentrated LiCl solution, which is easily converted in
Li2CO3 (the final product to be sold in the market), through precipitation with Na2CO3.
1.5 Aim of the work
The aim of this PhD thesis is to develop a prototype of electrochemical reactor for the
extraction of lithium from diluted brine sources by means of electrochemical ion pumping.
The materials selected for the process are LiMn2O4 as lithium capturing electrode
and NiHCF as lithium excluding electrode, because of their several advantages already
discussed in Sect. 1.3.
The basic point is the design of a suitable geometry, aimed at reaching high capturing
efficiencies, which is the weak point of the extraction from diluted brine. The other
purposes are performing the entire process (capture and release) in the same cell and
obtaining higher volume of LiCl concentrated solution than in previous works.
The thesis is structured as follows: after a brief summary of the scientific background
(Chapter 2), the experimental equipment and measurements employed are described
(Chapter 3). A study of the thermodynamic behavior of the selected materials dur-
ing intercalation (LiMn2O4 and NiHCF) is reported (Chapter 4). Chapter 5 is dedicated
to the study of the capturing step of the process. The capture efficiency is studied by
changing some process parameters (brine concentration, electrodes mass loading, current,
electrolyte flow rate), in order to find the best working conditions of the reactor. A
mathematical model of the capturing is developed to support and explain the experimen-
tal results. Modelling the reactor behavior is very important from an engineering point
of view, since it gives a method to size the process components (electrodes, volume of
solution, volume of cell) and to choose the best parameters.
Finally, Chapter 6 includes the results of the entire process (both capturing and release
steps ), an estimation of the electric energy required by the process, and a rough analysis
of its economic sustainability.
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Chapter 2
Theoretical Background
Electrochemical processes have been used for decades in many industrial branches, such as
production or refinement of metals (like aluminium, copper, etc.), production of gaseous
elements such as hydrogen or chlorine, synthesis of chemicals, deposition of metal and so
on.
The electrochemical reactions are heterogeneous processes and they show many sim-
ilarities with catalytic reactions. A typical electrochemical process consists of different
steps, both chemical (e.g the adsorption) and physical (e.g the transport of the ions and
the transfer of the electrons).
A scheme of a typical electrochemical reactor is shown in Fig. 2.1.
The main components are two solid electron-conductive phases, called electrodes,
where the semi-reactions occurs (particularly, oxidation at the anode and reduction at the
cathode) and an ion-conductive phase, the electrolyte, that separates the two electrodes,
which contains the reactants and the products. Membranes or separators may be present
between the two electrodes, for example when the species produced at one electrode are
consumed at the counter electrode, or when mixing of products has to be prevented.
An electrochemical reactor can be either used to deliver electric energy from different
sources (for example from thermal or chemical ones), and in this case it is known as
“battery”, or to supply chemical products. In this latter case, it is called “electrolyzer”
and it works through the application of a current from an external source.
In some cases the reactor or cell can work in both the directions, as in the case
of a rechargeable battery or an electrochemical ion pumping, where the reactions occur
spontaneously in one direction generating energy (the so-called “battery discharge” step),
and non-spontaneously in the other direction (the “battery charge” step) requiring energy.
Indeed the rechargeable or secondary batteries are also considered as “accumulators”
of energy, because once charged they can store the electrical energy under the form of
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Figure 2.2: Galvani representation of an electrochemical cell
chemical energy.
The next Section briefly presents the working mechanism of an electrochemical process.
2.1 Electrochemical principles
An electrochemical reactor is a galvanic cell consisting of several phases in contact. An
example of galvanic cell is shown in Fig. 2.2. Among the present phases, there are always
two solid electron-conductive phases (α and α′), the electrodes (β and β′) and an ion-
conductive phase, the electrolyte (ϵ).
At open circuit an electrochemical equilibrium is established at each interface between
two different phases. In this case, the electrical species, electron or ion, that can exist in
both phases in contact, are not subjected to any net transport from a phase to another:
the electrochemical potentials of the species µ˜i in the two phases are equal.
µ˜αi = µ˜
β
i . (2.1)
The index i indicates the species and the Greek letters the phases in contact. From
Eq. 2.1, the difference of potential at the interface can be evaluated, which corresponds
to the transport electric work of the species across the interface.
The difference of potential between the two phases is established by an electric field
that is created across the interface. This is due to the orientation of the solvent molecules
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Figure 2.3: Potential profile along the distance at the solid liquid interface according to
the Stern model.
or to a previous exchange of ions that pass from a phase to the other upon contact, before
achieving the equilibrium.
In a solid/liquid interface, the ions have a distribution in the liquid, that is well
described by the Stern model.
According to the Stern model, who has combined together two previous models (the
“Helmholtz model” and the “Gouy-Chapman model” [46]), two main regions can be
distinguished near the interface, the “compact double layer” (CDL) and the “diffuse
double layer” (DDL), where the ions are differently distributed.
The compact double layer, or outer Helmholtz plane (OHP), is a region where the
electrostatic forces between the charged metal and the ions prevail on the thermal agi-
tation of the solution. The OHP is the plane formed by the center of the solvated ions
nearest to the interface. In this region, the metal and the ions can be assumed to be two
parallel planes, and their capacitance is well described by the capacitance of a parallel
plate condensator:
Ccdl =
ϵrϵ0
dH
(2.2)
where ϵr is the medium relative permittivity, ϵ0 is the dielectric constant of the vac-
uum, and dH is the distance between the two plates, called “Helmholtz distance”. In this
region, the potential drop is linear.
Within the OHP, it may be present also the inner Helmholtz plane (IHP), formed
by the ions that have lost their solvation shell and that have adsorbed chemically or
physically on the electrode surface.
The diffuse double layer is the region adjacent to the compact double layer farther
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from the interface, where the electric forces generated by the charged electrode are weaker
than the thermal agitation of the solution. Therefore the ions are more dispersed in
the solution, forming the so-called “diffuse double layer”, in which the potential drops
exponentially. A scheme of the potential distribution near the interface is shown in
Fig. 2.3.
The total potential difference of the galvanic cell at the equilibrium, called “open
circuit voltage” (EB
′B
eq ), can be read through a voltmeter at the terminal clamps, and it
can be evaluated from the sum of the transport electric works at each interface. The anode
is the electrode where the reaction of oxidation occurs producing electrons, the cathode
is the electrode where the reduction reaction occurs, consuming electrons. In this way,
the electrons move from the anode to the cathode through an external circuit, producing
the current. EB
′B
eq is defined for convention as the difference between the potential of the
cathode and the potential of the anode, VC-VA.
EB
′B
eq is linked to the ∆G of the global reaction of the galvanic cell:
EB
′B
eq = −
∆G
RT
(2.3)
where R is the gas constant and T is the temperature.
If the ∆G of the reaction is negative, (VC > VA), the electrons go from a point at
low potential to a point at high potential, and the reaction occurs spontaneously. In this
case the electrochemical cell works as a battery. If ∆G is instead positive, (VC < VA),
the electrons go in the opposite direction and an external work must be performed on the
cell for the reaction to occur.
The potential of an electrode can not be measured as an absolute property, but always
with respect to the potential of another electrode. By performing a measurement with
only two electrodes, the measured potential is the total cell potential difference. In order
to study the potential of a single interface, a third auxiliary electrode is needed, called
reference electrode. A reference electrode is an ideal-non-polarizable electrode, i.e. an
electrode whose potential does not change appreciably if a current flows through it.
The use of reference electrode is very common in electrochemistry, the usual configura-
tion of the electrochemical cell is in Fig. 2.4. While the current flows mainly between the
working and the counter electrode (anode and cathode), the potential registered or con-
trolled by the potentiostat is the difference between the potential of the working electrode
and the reference electrode. The working electrode can be chosen arbitrarily, depending
on which potential electrode has to be controlled or which electrode is studied.
When the current is circulating in the external circuit, the cell voltage differs from
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the open circuit voltage. This difference is due to the overpotentials of the process. In
particular, it will be equal to:
EB
′B = EB
′B
eq + ηC + ηA + ηΩ (2.4)
ηC and ηA are the overpotentials of the reduction and oxidation semi-reactions re-
spectively. ηΩ is instead the overpotential due to the Ohmic drops, linked to the electric
resistance of the solution. This quantity follows the Ohm low, as follows:
ηΩ = RlI (2.5)
where I is the applied current, and Rl is the electrical resistance of the electrolyte.
The overpotential of the semi-reaction can be distinguished in two main contributes:
the overpotential due the charge transport, and the overpotential due to the mass trans-
port.
The charge transfer overpotential is due to the transport of charged species through the
solid/liquid interface. The equation that expresses the relationship between the density
current i and the electrode overpotential ηct is the well-known Butler-Volmer:
i = i0(e
αnF
RT ηct − e−nF (1−α)RT ηct) (2.6)
where i0 is the exchange current density, α is the symmetry barrier coefficient, n is
the number of the electrons involved and F is the Faraday constant.
The mass transfer overpotential is due to the depletion of the reactant concentration
near the interface. This phenomenon slows down the reaction rate, and a higher over-
potential is necessary to maintain the same current density. If the mass transport is the
rate determining step of the entire process, the mass transfer overpotential ηmt is equal
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to:
ηmt =
RT
F
log(1− I
Il
) (2.7)
Il, called “diffusion limiting current”, is the current correspondent to the maximum
diffusion flux of the species from the bulk to the interface, when the reactant concentration
at the interface is equal to 0. It represents the maximum current that the system can
reach. It is defined as:
Il =
nFCbiDiAe
δ
(2.8)
where n is the number of electrons involved in the reaction, Cbi is the bulk concentration
of reactant in solution, Di is the diffusion coefficient of the reactant in the solution, Ae is
the electrode area and δ is the thickness of the so-called “Nernst diffusion layer”. If the
concentration profile near the interface is approximated with a linear profile (see Fig. 2.5),
the Nernst diffusion layer is the distance between the interface and the point where the
reactant concentration is equal to its bulk concentration.
There are other types of overpotentials, specific for different systems. For example, in
the case of a metal deposition, there is a special overpotential due to the incorporation
of the adsorbed atoms in the crystal lattice of the metal.
The amount of oxidized or reduced species during the electrochemical reaction linearly
depends on the charge Q passed into the system by means of the well-known Faraday law:
mi = nFQ (2.9)
where mi is the amount of moles of reduced or oxidized species and n is the number
of electrons involved in the reaction.
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2.2 Intercalation processes in a battery-like material
The intercalation is the main working mechanism of rechargeable batteries. In the 70’s,
the first lithium-ion battery has been invented based on the insertion of Li+ in a hosting
structure, which is used as electrode.
The intercalation mechanism consists on the electrochemical reduction of the elec-
trode, which involves the movement of a cation from the solution inside the solid struc-
ture, where it is hosted. Contrary, during the oxidation, the cation is driven out from
the solid to the liquid. A schematic representation of lithium ion battery is reported in
Fig. 2.6.
If the solid has a bi-dimensional structure (planes), like graphite, then the mechanism
is known as insertion. If the structure is three-dimensional (cube, tetragons), it is known
as intercalation. The intercalation is intrinsically a reversible process, that makes the
battery rechargeable.
A distinction between single phase intercalation and two-phases intercalation exists.
In the two-phases intercalation, the solid structure changes its phase during the cation
intercalation, and the phase arrangement depends on the amount of cation intercalated.
An example of a two-phases material is the LiMn2O4. Intercalation in LMO is further
discussed in Sect. 4.1.
If the solid material has a selectivity towards a certain cation species, one cationic
species from the solution is mainly intercalated. The selectivity can derive from the size
of the crystal lattice where the cation is hosted. For example λ−MnO2, which is a spinel
type manganese oxide, can host cations in the tetrahedral sites, during the reduction of
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manganese. Due to the narrowness of these sites, only small or completely dehydrated
cations can be inserted. That is the reason why λ−MnO2 shows a high selectivity towards
lithium among alkaline, alkaline-earth and transition metal ions [47].
If the material has no selectivity towards a cationic species, different cationic species
from the solution can be intercalated, if present. This is what happen for example with
Prussian blue materials [48].
In this Section, the ideal thermodynamic model of intercalation typically presented in
literature (see e.g. Ref. [49]) is summarized, for a single cationic species intercalated in
the host structure.
At the solid liquid interface, the electrochemical potentials of the transported species
(the cation) is valid at equilibrium [46]:
µ˜SA+ = µ˜
L
A+ (2.10)
The intercalation reaction is symbolically represented as:
O + e− +A+ = R (2.11)
where O represents the oxidized state of the material, namely the empty active site,
R represents the reduced state, namely the occupied site by the cation, e– is the electron
and A+ is the intercalated cation.
The equilibrium can be further expressed through the electrochemical potentials of
the charged species µ˜i and the chemical potentials of the neutral species µi in the solid
participating to the reaction:
µ˜SA+ = µR − µO − µ˜e (2.12)
Combining Eqs. 2.10 and 2.12 and developing the expression of the electrochemical
potentials, the following expression is obtained:
∆ϕH − µe
F
=
µLA+ − µR + µO
F
(2.13)
where ∆ϕH is the difference of the inner potentials (or Galvani potentials) between
the solid phase and the liquid phase. The left term of Eq. 2.13 is the measurable potential
of the electrode E with respect to a reference electrode.
Eq. 2.13 can be further developed, defining the chemical potential of the redox species:
µR = µ
0
R +RT ln aR (2.14)
µO = µ
0
O +RT ln aO, (2.15)
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where aR and aO are the activities of the reduced and the oxidized species. µ
0
i indicates
the standard chemical potentials of the species i, which are constant terms.
Substituting Eqs. 2.14 and 2.15 in Eq. 2.13 and developing the chemical potential of
the cation in the liquid, assuming that the electrolyte is an ideal solution, the well-known
Nernst equation is obtained:
E = E0A +
RT
F
ln
CA
C0
+
RT
F
ln
aO
aR
(2.16)
where E0A is the standard potential of the intercalation reaction and it is defined as:
E0A =
µ0A − µ0R + µ0O
F
, (2.17)
CA is the concentration of the cation in the solution and C0 is a reference concentration,
typically 1 M. The equilibrium potential depends on the cation concentration in the liquid
and on activities of redox species in the solid.
If CA keeps constant with the potential, namely the amount of intercalated cations
is negligible respect to the amount of cations in solution, the term RTF ln
CA
C0
can be
incorporated in E0 and the equation can be written as:
E = E0
′
A +
RT
F
ln
aO
aR
(2.18)
For expressing the activities of the reduced and oxidized species, a model was devel-
oped by McCargar et al. [49], in which the interface potential has been related to the
Gibbs mixing energy of the two species.
Indeed, McCargar modelled the solid structure as a mixture between the two species
(O and R), namely as a network of single cells (the interstitial sites) that can be free or
occupied by the cation [49]. The molar free energy mixing for a general solution is defined
as:
∆Gm = ∆Hm − T∆Sm = (1− x)RT ln aO + xRT ln aR, (2.19)
where ∆Hm is the molar enthalpy of mixing and it represents the heat that is evolved
or adsorbed during the mixing, in our case during the intercalation. ∆Sm is the molar
entropy of mixing, x is the molar fraction of the reduced species and 1-x is the molar
fraction of the oxidized specie.
Making the derivative of Eq. 2.19 with respect to x, and considering the thermody-
namic property of a mixture of two components, expressed by the Gibbs-Duhem equation,
xRTd ln(aR) + (1− x)RTd ln(aO) = 0, (2.20)
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the follow expression can be obtained:
∂∆Gm
∂x
= RT ln
aO
aR
, (2.21)
Comparing this last equation with Eq. 2.18, one obtains:
∂∆Gm
∂x
= RT ln
aO
aR
= F∆E, (2.22)
where ∆E =E-E0
′
A .
Therefore, integrating the equilibrium potential respect to the fraction of charge, one
can extrapolate the Gibbs mixing energy of the “solid solution”.
The ∆Gm is conventionally divided in two contributes, the ideal mixing energy ∆Gid
and the excess mixing energy Gexc. If the solution is ideal, namely the species are ran-
domly mixed in the lattice and no interaction between the cells of the lattice is assumed
to take place, ∆Gm is equal to the Gibbs mixing energy of a mixture of ideal gases and
the activities of the species are equal to their molar fraction:
∆Gid = x1RT lnx1 + x2RT lnx2, (2.23)
In this case, through Eq. 2.22, the intercalation potential becomes:
E = E0
′
A +
RT
F
ln
1− x
x
(2.24)
TheGexc is defined as the difference between the mixing energy of an ideal solution and
the mixing energy of a real solution and it takes into account the non-ideality of the system
(interaction between particles, change of the volume during the mixing, non-randomly
distribution). This contribution can be included in the expression of the potential:
E = E0
′
A +
RT
F
ln
1− x
x
+
1
F
∂Gexc
∂x
(2.25)
The last term of this equation can be renamed as “excess potential” and can be related
to the activity coefficients of the species, γO and γR:
∂Gexc
∂x
= RT ln
γO
γR
(2.26)
γO and γR are function of x. The expression of the potential can be therefore remod-
ulated as:
E = E0
′
A +
RT
F
ln
1− x
x
+
RT
F
ln
γO
γR
(2.27)
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Comparing this last equation with Eq. 2.18, one can conclude that the activities of
the species in the lattice can be simply defined as the product of the molar fraction and
the activity coefficient of the species i.
If the concentration in the liquid changes appreciably during the reaction as it occurs
in electrochemical ion pumping for lithium recovery, another term must be taken into
account. In this case the potential expression becomes:
E = E0A +
RT
F
ln
1− x
x
+
RT
F
ln
γO
γR
+
RT
F
ln
CA +
Q
V F
C0
(2.28)
where Q is the total charge passed in the system and may be positive or negative,
depending if reduction or oxidation has occurred, and V is the volume of the solution.
2.3 Electrochemical measurements
The electrochemical measurements performed during this PhD work were the Galvanos-
tatic Cyclings with Potential Limitations (GCPL). They consist in applying a constant
current to the electrochemical cell and measuring the working electrode (WE) potential
or the cell voltage. When the WE reaches a certain potential, the current direction is
switched and the opposite reaction occurs. The WE potential is expressed as a function
of the charge flow Q evaluated as the integral of the current over time.
This technique is frequently used to investigate batteries [50, 51] and other electro-
chemical processes such as ion pumping for water deionization and recovery of salt [3, 4,
36], since it simulates the real working mechanism at constant current.
Currents applied in GCPL are often expressed in C-rate, where 1 C rate is the current
needed to fully (dis)charge the electrode in one hour. An example of GCPL of NiHCF
in K2SO4 is represented in Fig. 2.7. In the x-axis the reported value of x is defined as Q
normalized by Qmax, the maximum value of charge that the electrode can store.
During the reduction of iron in NiHCF structure, a cation is intercalated in the in-
terstitial sites to keep the electro-neutrality of the crystal. If the process occurs near
the equilibrium condition, it continues until the sites are not completely filled (when the
fraction of charge x is equal to 1). The difference between the oxidation and the reduction
branches is due to the overpotentials of the process, which is never at equilibrium.
Deriving the charge Q with respect to the potential gained from GCPL, the “differ-
ential charge” is obtained, which represents the “capacitance” of the material and it is
expressed in Fahrad or mAh V−1. Physically the differential charge represents the amount
of charge that can be stored in the electrode upon a small variation of its potential. A high
differential charge means that the voltage is fairly stable upon long discharging. Since
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Figure 2.7: Galvanostatic cycling of NiHCF in 0.5 M of K2SO4 vs. normalized charge by
experimental Qmax at 1 C-rate (fraction of charge x).
this quantity does not depend on the electrode mass, it can be normalized as follows:
dC =
1
Qmax
RT
F
∂Q
∂E
, (2.29)
where Qmax is the maximum charge than can be stored in the electrode. The curve dC
plotted vs. potential gives many information about the process. dC extracted from the
galvanostatic curve of Fig. 2.7 is reported in Fig. 2.8 (green curve). Normally, for one-
phase intercalation, dC curve is bell-shaped. The position of its peak along the E-axis
corresponds to the potential of the inflection point of E vs. Q curve and it represents the
potential at which mostly the intercalation occurs. The curve shapes are representative
of the thermodynamic and kinetic parameters of the process.
dC curves obtained for intercalation systems are comparable to the classic Cyclic
Voltammetry curve. Cyclic Voltammetry measurement consists into sweeping the poten-
tial in time and recording the current circulating in the system. For an intercalation
system the two techniques give the same result at the equilibrium. This is easily demon-
strable defining a “normalized current” extractable from the CV curve:
i = I
RT
FQmaxS
(2.30)
where S is the scan rate of the CV and I is the recorded current. Substituting the
definition of I and S, one obtains:
i =
dQ
dt
RT
FQmax
dE
dt
(2.31)
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Figure 2.8: dC vs. potential E extracted from the GC and from the CV measurement in
0.5 M K2SO4. The GC was performed at 1C rate, the CV at 1 mV/s.
And finally:
i =
dQ
dE
RT
FQmax
(2.32)
which is equal to the definition of dC given in Eq. 2.29.
The two techniques are compared in experimental conditions in Fig. 2.8.
The curves have similar shape although they do not overlap due to the presence of
overpotentials, which modify the curve shapes differently in the two cases. In both cases
overpotententials translate in various effects on the shape. An advantage of dC curve
respect to CV measurement is the effect of the Ohmic drop of the solution RlI on the
curve shape. In the dC curve this effect shifts the curve along anodic or catodic potentials
(depending on the sign of the current), without modifying its shape, as the current is
constant. On the contrary in CV measurement, this effect causes a deformation of the
curves, which cannot be distinguished from the effect of other overpotentials.
2.4 Type of electrochemical reactors
There are many configurations of electrochemical reactors, different for electrode type,
electrodes movement, electrolyte flow and so on. Like the chemical processes, also the
electrochemical processes can be distinguished in batch and continuous operation.
The batch processes are performed in a close system where the electrodes are im-
mersed, without any in-out flow of the electrolyte (Fig. 2.9).
The reactant concentration decreases with the time of the operation. The mixing
rate is comparable to the rate of the chemical conversion, so that the concentration
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Figure 2.9: Schematic representation of a batch reactor (left) and of the reactor concen-
tration trend with time (right) [52].
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Figure 2.10: Schematic representation of a CSTR reactor (left) and of the reactor con-
centration trend with time (right) [52].
is kept uniform inside the volume. The processes performed in batch are for example
electrowinning of noble metals, electrosyntesis of precious organic compounds or other
processes with a small quantity of product. Continue operations are instead “large”
processes, such as water and chloroalkali electrolysis or metal electrowinning (for example
zinc, magnesium, alluminium). Continuous operation can be performed in two kinds of
reactor: the continuous stirred tank reactor (CSTR) and in plug flow reactor (PFR). In
the CSTR the process occurs in a stirred tank, which is fed by a fresh electrolyte, while a
flow of depleted electrolyte leaves the tank, so that the amount of volume does not change
with the time (see Fig 2.10). The reactor concentration is the outer concentration, because
the reactor is assumed to be well-mixed. For this reason, a reaction in the CSTR occurs
always at the lowest reactant concentration and that may be a disadvantage for the kinetic
of the reaction, which can easily reach the diffusion limiting current [52].
In the PFR (Fig. 2.11), the reaction occurs while the electrolyte is continuously
pumped inside the reactor ideally with a constant velocity across the cross section of
the channel. The reaction occurs in all the length of the reactor and a profile reactant
concentration is formed between the fluid inlet and the outlet.
Typically, if the current is smaller than limiting current Il, the concentration profile
is linear with the space, while if the applied current is higher than Il, the concentration
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Figure 2.11: Scheme of a plug flow reactor (a) and of two concentration profiles on the
reactor length. In the first case the trend is linear (b), in the second case the trend is
exponential, due to the mass transport overpotential.
decades exponentially [52].
The PFR is divided in other two main groups of reactors: the reactor with fixed
bed and with fluidized bed. The main difference between these two configurations is the
movement of electrodes. In the fixed bed reactor the electrodes are static, while in the
fluidized bed the electrodes can be metal or carbon particles that are crossed and moved
by the flow. The choice of one configuration with respect to the other depends on the
reaction that must be performed and on the solid active materials.
An electrochemical reactor can work with two kinds of electrodes: the flat massive elec-
trode (two-dimensions electrode) and the porous electrode (three-dimensions electrode).
Usually the second are preferred because they provide a much higher contact area. This
can be essential in reactions that need low current density, for example process with a
very low reactant concentration (e.g. recovery of metal from solution).
In this case, thanks to the large contact area, given by the presence of the pores, it
is possible to run these processes with a usual nominal current density of 0.1-1 A/cm2,
although the real current density is much lower (1 mA/cm2 or even less) [52].
The porous electrodes are usually classified based on the diameter of their particles.
A fairly good classification has be given by Koryta and Dvora´k [52]:
• The nanoporous electrodes (1 nm> dp >10 nm), which constitutes a microporous
electrode structure (pores dimensions 0.1-1 µm). This kind of electrodes is typical
for the catalysts of the fuel cells, to create a three-phase contact.
• Microporous electrode (dp > 0.1µm), with diameter macropores of 1-100 µm, having
a thickness of the order of several millimetres. These electrodes are typical for the
batteries.
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• Packed bed electrodes (meshes, cloth, foams) and fluidized bed electrodes (metal or
carbon particles), which are composed of particles with diameters from millimetres
to centimeters. These electrodes are usually used for the electrochemical conversion
of species at low concentration or for desalination and/or purification processes
through metal-ion removal [53, 54]. Such electrodes beds measure centimetres to
fractions of meters in thickness or bed depth respectively.
In the packed and fluidized bed reactor a convective flow is applied, pumping the
electrolyte inside the reactor, in order to favour the mass transfer to the electrodes.
In this case, another classification based on the direction of the flow exists. Indeed,
the packed bed reactor, can be divided in flow-by and flow-through electrodes reactor.
The scheme of the two configurations is shown in Fig. 2.12 (a) and (b). The main
difference regards the current and the electrolyte flow directions: in the case of panel (a)
(flow-by), they are perpendicular to each other, in the case of panel (b) (flow-through),
they are parallel [55]. Of course these two mains categories can be rearranged in many
derived configurations, that may be an hybrid between the two types. For example in the
configuration reported in Fig 2.12 (c), the flow passes through the cathode, but parallel
to the anode and it is perpendicular to the current direction.
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Figure 2.12: Various schemes of packed bed reactor: flow by electrodes (a), flow-through
electrodes (b) and a hybrid configuration (c). The rectangles represent the electrodes,
the space between them represents the separator or the gap. The black arrows indicate
the flow direction, the red arrows indicate the current direction.
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Chapter 3
Experimental Section
This chapter is dedicated to the description of the experimental equipment. Since the
main experimental goal has been to develop a suitable cell geometry for the extraction
of lithium from diluted brine, this Chapter reports in details the cells design and the
electrodes descriptions.
3.1 Preparation of the electrodes
As already discussed in Chapter 1, the materials selected for the process are LMO and
NiHCF. Both of them are initially in form of nanopowder, composed by particles with
a diameter of 20 nm, that form agglomerates up to 100 nm. Since the LMO powder is
produced commercially, a battery grade LMO powder provided by the MTI (Richmond,
USA) was used, so that the process could be tested with an industrially made material
already present in the market.
NiHCF nanopowder was instead synthesized by a co-precipitation method, as reported
in literature [7]. The synthesis method consists on the following steps. Firstly, 120 ml
of 0.05 M solution of Ni(NO3)2 · 6H2O (Sigma-Aldrich) and 120 ml of 0.05 M solution
K3Fe(CN)6 at 0.05 M (Sigma-Aldrich) are simultaneously and dropwise added to 60 ml
water while stirring constantly. This process is carried out at a constant temperature of
70◦C. Immediately a brown precipitate is formed. After that, the material is sonicated
for 30 min at 70◦C and the suspension is allowed to rest overnight. After removing of the
liquid part, the precipitate is centrifuged, washed with distilled water and dried at 60◦C.
As discussed in Sect. 2.4, the most effective electrodes type for the extraction from
diluted sources are packed bed electrodes. The active materials must be therefore arranged
to form the “packed bed”. Hence, the powders were used to prepare a viscous slurry to
be painted on a suitable conductive substrate, namely carbon cloth. Carbon cloth is
31
composed by carbon fibers interwoven with each other, forming macropores of 25-50 µm
diameter. The carbon cloth thickness is about 400 µm. In addition to its porosity,
carbon cloth is a suitable material for packed-bed reactor thanks to its compressibility,
which allows to press the electrodes against each other, minimizing the bed length and
the space between the electrodes.
The slurry consists of the active material, C65 carbon black (Timcal, specific sur-
face area 62 m2/g), polyvinylidene difluoride (Solef S5130, Solvay), and graphite (Timcal
SFG6) with 80:9:9:2 wt. % for the NiHCF slurry and 80:10:10:0 wt. % for LMO respec-
tively [7]. The carbon and the graphite increase the conductivity of the active material,
while the polyvinylidene difluoride works as a binder within the components. The pow-
der was dispersed in the N-methyl-pyrrolidone (NMP) and mixed thoroughly for 30 min
at 4000 rpm by using an ultra-turrax disperser. The electrodes were prepared by hand
painting the slurry on carbon cloth and subsequently dried at 60◦C to evaporate the
NMP.
NMP volume was tuned to modify viscosity and size of agglomerated particles. Specif-
ically, the slurry becomes denser and viscous by decreasing the NMP volume, and the size
of the agglomerated particles is bigger after drying. These particles occupy smaller vol-
ume of carbon cloth, forming a lower compact layer on fibers and leaving empty big pores
of carbon cloth, thus decreasing pressure drops. This expedient was used to decrease the
pressure drop on NiHCF electrode, which shows the highest drop (see Sect. 5.6). NMP
volumes of 3.6 or 1.8 µl were used per milligram of slurry.
Details on the sizes and shapes of electrodes are discussed in the following paragraphs,
since they depend on the cell geometry.
LMO and NiHCF electrodes were electrochemically prepared before the use. LMO
electrodes were galvanostatically cycled one time in a “similar-Atacama” solution in order
to measure their specific charge, and then completely oxidized. NiHCF electrodes were
instead cycled one time in 1 M NaCl and then reduced.
In addition to LMO and NiHCF electrodes, silver was used as reference electrode, in
form of slurry or metallic wire. The Ag powder (supplied by MTI) was mixed to form
the slurry with the same procedure used for LMO.
3.2 Design of the cell
As already mentioned, ion capture from diluted sources should be conducted in a cell
where advection flow is present, in order to increase ionic transport. Based on this, the
best cell configuration has to be chosen. Generally, the flow-through electrodes (FTE)
is preferred to the flow-by electrodes (FBE) design for two main reasons. The first is
that the FTE configuration allows to have a better compactness of the cell. Indeed, on
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contrary to FBE, the space between anode and cathode is not the main flow channel for
the electrolyte. This allows to decrease the distance between electrodes, reducing the
Ohmic drops and the cell volume [53].
The other main advantage is more related to the system physics. In the FBE config-
uration, advective flow is parallel to the electrode surface. This allows to bring always
fresh electrolyte inside the cell, but it does not have a strong effect inside the electrodes
pores, where the transport occurs mostly through diffusion and migration. Instead in the
FTE configuration, the fluid is pumped inside the material pores. This provides fresh
reactant along the total thickness of the electrode and it creates a more intimate contact
between the flow and active material.
Moreover, packed bed reactors with flow-through electrodes configuration have been
historically developed and studied for removal of diluted metals from industrial stream [56,
57, 58, 59, 60]. More recently, this technology has been applied also for water desalination
through capacitive deionization [61, 62, 63].
On this grounds, the flow-through electrodes cell was selected as the most suitable for
the process.
In next paragraphs two cells used for developing and investigating the process are
described. The first geometry has been designed to perform the capturing step, inves-
tigating the capture efficiency at various parameters. The second one has been used to
carry out the total process (both capture and release).
3.2.1 Cell geometry to investigate the capturing step
The first cell design is shown in Fig. 3.1. The cell was composed by a plastic rounded
shell, where the electrodes were located, and by a cover that allows the cell closure and
the pressing of the electrodes together, as shown in Fig. 3.1. The carbon cloths were
cut into 4.5 cm-diameter discs, painted with the active material only in the center, for
a diameter of circa 12 mm. An insulating varnish (Lacomit, Plano GmbH) was applied
on the unpainted part to avoid the occurrence of side reactions. The electrolyte flowed
from the bottom to the top, through two funnel-shaped holes, located in correspondence
of the active area of the electrode. In this way the flow should ideally pass only across
this area. Two titanium frits were put on the inlet and outlet holes to press the stack of
electrodes and separators and to make the flow more homogeneous on the active area.
The electrodes were put in the cell one on the top of the other, separated by filter
paper 130 µm thick. Two types of electrodes arrangements were used. The first was
a four-electrode set-up: Ag/AgCl electrode used as RE on the bottom, then the LMO
electrode (WE), the NiHCF electrode (CE), and finally a second Ag/AgCl on the top, as
shown in Fig. 3.1.
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Figure 3.1: Representation of the cell (vertical section) on the left. The grey disk rep-
resents the electrode. On the right, the arrangement of the electrodes, one in top of the
other, separated by a filter paper of the same size [64].
The Ag/AgCl electrodes were prepared applying a constant potential of 0.5 V on the
Ag electrodes in 3 M KCl for 10 minutes. Ag/AgCl electrodes were directly immersed in
the solution, because the solution contained always chloride ions. With this assembly of
the electrodes, the WE potential was read by means of one reference electrode and in the
meantime an open-circuit voltage (OCV) measurement was performed between the two
references to monitor the Ohmic drop in the cell.
The second configuration used was a three electrodes cell (LMO as WE, NiHCF as CE
and Ag/AgCl as a RE), where the reference electrode was a silver wire prior anodized in
a solution of 3M KCl, inserted in the cell through one of the holes. Silver wire was later
preferred as reference electrode, due to its higher stability upon time and cycles compared
to the silver slurry electrode, whose stability was affected by the flow.
Once the cell was closed, four graphite rods were inserted through the sealed holes
in the shell. Each rod pierced only one electrode, passing through the holes of the other
electrodes cut previously. The ends of the graphite rods, outside the shell, were connected
with the Biologic VSP-300 potentiostat.
As the NiHCF capacity is 60 mAh/g and the one of LMO is ≈ 105 mAh/g, the active
material masses ratio of LMO and NiHCF was 1:4, to be sure that the NiHCF charge was
larger than LMO charge.
The potential measured through the potentiostat is the difference between the WE
and the RE, ∆V . The potential of RE (Ag/AgCl immersed in the solution) depends on
the chloride concentration as follows:
ERE = E
◦
Ag/AgCl −
RT
F
log
aCl−,exp
aCl−,ref
, (3.1)
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where E◦Ag/AgCl is the standard potential of the Ag/AgCl vs. SHE, aCl−,exp is the activity
of Cl− ions in the solution and aCl−,ref is the activity at a chosen reference concentration.
In order to get rid of the well-known thermodynamic dependence of the potential on
lithium concentration, the measured potential is referred to a fictitious “relative lithium
electrode” (RLE), whose potential ERLE vs. SHE is:
ERLE = E
◦
RLE +
RT
F
log
aLi+,exp
aLi+,ref
, (3.2)
where aLi+,exp is the activity of Li
+ ions in the solution and aLi+,ref is the activity at a
reference concentration. Taking arbitrarily E◦RLE = E
◦
Ag/AgCl, the E of the WE can be
rewritten vs. the fictitious RLE as:
E = ∆V + ERE − ERLE (3.3)
= ∆V − RT
F
log
aCl−,exp
aCl−,ref
− RT
F
log
aLi+,exp
aLi+,ref
.
Therefore, even if the concentration in the solution changes, the imposed extreme
values of the potential of the galvanostatic cycle are the same for E vs. RLE and the
effects of the Nernst equation are not considered in the result analysis. The aLi+ was
approximated with the concentration of Li+, while aCl− was evaluated using the activity
coefficients reported in literature [65] as a function of the concentration of chloride ion.
The electrolyte was continuously pumped from a beaker by a peristaltic pump. The
solution was stirred, to keep the concentration homogeneous. The investigated range of
volumetric flow rate in this cell was 0.1-50 ml/min. A measurement of the pressure was
carried out through a barometer.
This reactor was designed to perform the capturing step, investigating the efficiencies.
The recovery step was never performed with this cell, because of its high volume compared
to the active material volume. The recovery step must be performed in a very compact
cell, where unnecessary volumes are minimized. Dead cell volumes can dilute the recovery
solution, decreasing the final lithium concentration. Based on that, the cell described in
the next paragraph has been designed to perform the entire process.
3.2.2 Final reactor design
The second cell has been designed in order to minimize dead volumes of the cell through
a good compactness. Therefore the cell was simply made of two identical rounded plates
with a funnel-shaped hole in the center and six equally-spaced holes at the border, as
shown in Fig. 3.2. The electrodes were placed between the plates, one on the top of the
other. Once that the electrodes are placed, the plates are fixed and pressed through six
screws passing by the holes.
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Figure 3.2: Representation of the cell plates (left) and of the electrodes stack (right).
The electrodes were made as follows. The carbon cloth was cut rounded-shape (1.4
cm2), with an additional rectangular strip of approximately 0.5 cm2, as shown in Fig. 3.2.
Once cut, the carbon cloth was surrounded by a circular silicone crown, attached to its
edges. The area not covered by the silicone was painted by the active material and it had
the same size of the fluid inlet area of the cell (1.1 cm2). In this way, the silicon blocked
any water leakage, forcing the flow to pass through the active area.
Once that the cell was closed, the contact with the potentiostat was made through the
carbon cloth strip, which was left free from the silicon and protrudes from the plates. The
electrodes stack had a sandwich configuration, with the working electrode placed between
two counter electrodes, divided by paper separators on each side. The WE was composed
by two short-circuited LMO foils, each counter was made by three NiHCF foils. This
configuration was preferred to a classic configuration with alternating cathode anode
electrodes, because it minimizes the number of paper separators that absorb solution
creating dead volume. Placing the working electrode in the middle between the counter
electrodes allows also to reduce the Ohmic drop. The total potential cell was recorded by
the potentiostat, with two-electrodes measurement.
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Figure 3.3: Representation of the conical cell.
3.2.3 Other electrochemical cells
Another cell geometry was used for the initial study of the materials. Its representation
is reported in Fig. 3.3. The cell had a conical shape, the WE and the CE were placed
in front of each other, and the reference electrode was placed in the middle between the
two. The electrodes in this case were rectangular, with a size of approximately 2 cm2.
The cell was also equipped with an entrance for the injection of the argon, that was used
to bubble the electrolyte before the experiments to avoid any reaction with the oxygen.
The electrolyte was motionless (no mechanical stirring was applied during the experi-
ments) except for possible natural convection. The reference used was Ag/AgCl/3 M KCl
for all the measurements.
3.3 ICP-OES
Inductively Coupled Plasma Optical Emission Spectroscopy (ICP-OES) has been used to
measure the amount of cations in the capture and recovery solutions after the process.
ICP-OES is an analytical technique used for the detection of chemical elements. It consists
on the measurement of the intensity and the wavelength of electromagnetic radiations
emitted by atoms in the excited state, caused by their contact with inductively coupled
plasma. The high density and temperature plasma is generated by the ionization of
argon gas subjected to an electromagnetic field, created by high frequency current. The
solution sample is delivered into a nebulizer, where it is converted into a mist, and then
it is introduced into the plasma flame. The collision of the specie with the electrons and
the charged ions of the plasma causes their excitement to a high energy state. Once
excited, the atoms return to low energy level, emitting electromagnetic radiations. The
wavelength of the radiation is characteristic of each chemical specie. The content of the
atoms is instead determined by the radiation intensity.
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Chapter 4
Thermodynamics of Materials
This Chapter is dedicated to the study of the active materials used for lithium recovery
process.
In the first Section, the most accredited intercalation mechanism of lithium cations
in LiMn2O4 is reported. Based on it, a simple thermodynamic model is developed to
simulate the equilibrium potential profile of LiMn2O4, which is applied in the complete
model of the reactor reported in Chapter 5.
The second Section reports an investigation of the thermodynamic behavior of Nickel
Hexacyanoferrate in single cationic and two cationic species solution. The results of this
study are relevant for NiHCF application in ion pumping technology with mixed cations
species. All the content of this Section has been previously published [48].
4.1 Lithium capturing electrode - Lithium Manganese
Oxide
Lithium Manganese Oxide (LiMn2O4) is one of the most used cathode materials for
lithium ion batteries because of its high energy density, low cost and low toxicity. It has
a spinel structure, where the Li ions occupy the tetrahedral sites (8a) and the Mn ions
occupy the octahedral site (16d). The scheme of this structure is reported in Fig. 4.1. The
behavior of lithium intercalation in the lattice has been hugely studied in the past [66,
67, 68].
The typical equilibrium potential curve of LMO is shown in Fig. 4.2. The curve
is represented vs. x, the molar fraction of Li+ in the solid. The curve is calculated by
averaging between the reduction and oxidation branches of a GCPL measurement of LMO
in 10 mM of LiCl and 100 mM of NaCl performed at 0.05 C rate. The curve shows two
inflection points that are correlated to the lithium intercalation mechanism. During the
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Figure 4.1: The cubic crystal structure of LMO, with lithium ions depicted as a sphere.
The oxide ions form a cubic close packing with the manganese in the octahedral sites
(dark grey) and the lithium inserted in the tetrahedral sites (light grey) [69].
discharge, the Li+ cations intercalate inside the tetrahedral sites of the lattice, according
to the following reaction:
Li+ + λ−Mn2O4 + e− −−⇀↽− LiMn2O4 (4.1)
The most accredited explanation of the shape of discharge curve was given by Liu and
others [69]. From the fully charged state at x=0, the lithium starts to intercalate into
the λ−MnO2, to form a lithium-poor phase A, until x=0.1. Hereafter, the intercalation
continues forming a second lithium-rich phase B. In this region, the chemical potential of
the lithium in the two phases does not change with the concentration, leading to a flat
plateau at a potential of 0.7 V vs. ERLE , that indicates the coexistence of the two phases.
At x=0.35, the end of the first plateau occurs and the phase A is totally converted in
the phase B. In this region the potential starts to drop, indicating a change in the lattice
parameter and the formation of a different solid solution C. When half of the lithium sites
8a are filled (x=0.5), the drop in the potential with the concentration becomes smoother,
thus indicating the starting of lithium intercalation in the solid solution C, giving rise to
the second equilibrium [69].
In other words, the process can be simplified in two steps: on the first plateau, lithium
cations intercalate in λ−MnO2, filling half of the available tetrahedral sites. This trans-
formation is a two phases equilibrium that leads to the formation of the lithium-rich phase
B. Hereafter, the potential decreases and another phase C is formed, where the lithium
intercalation continues, leading to the filling of the remained available tetrahedral sites.
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Figure 4.2: Typical equilibrium potential potential curve of LiMn2O4 vs. the molar
fraction of Li, extracted from GCPL measurement performed at 0.05 C-rate in 10 mM
LiCL and 100 mM NaCl, with the various phases of intercalation reported [69].
4.1.1 Thermodynamic model
According to the description of the intercalation mechanism of Li+ in LMO structure, a
simplified thermodynamic model to describe the shape of the equilibrium curve shown in
Fig. 4.2 was developed. This model will be implemented for modelling the complete cell
behavior during the capturing step (see Section 5.2).
In the model LMO structure is assumed to be formed by two different solid solutions
that have two kinds of intercalation sites, named x1 e x2. The reactions that occurs
during the discharge can be described as follows:
O1 + e
− + Li+ −−⇀↽− R1 (4.2)
O2 + e
− + Li+ −−⇀↽− R2 (4.3)
where the first equation represents the intercalation of Li+ in O1, the empty (oxidized)
sites of the first solid solution, which leads to the formation of Li0.5Mn2O4; the second
reaction represents the intercalation of Li+ in O2, the empty (oxidized) sites of the second
solid solution, to form LiMn2O4. R1 and R2 represents the occupied (reduced) sites of the
two solid solutions, e– the electron, Li+ the lithium cation. It is worth to underline that
the two reactions are not consecutive (R1 ̸= O2). Indeed R1 represents the occupied sites
by lithium during the phase transition; while O2 represents the empty sites that start to
be filled once that the solid solution C is formed, at the end of the first plateau. CT1 and
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CT2 are defined as the total concentration of active sites in the first and the second solid
solution respectively, Cs1 and Cs2 as the concentration of filled states. Defining x1=
Cs1
CT1
and x2 =
Cs2
CT2
as fraction of filled states for the two solid solutions, equilibrium potentials
for the two reactions can be written as:
E1 = E
0
1 −
RT
F
log
x1
1− x1 +
RT
F
ln
CLi
C0
(4.4)
E2 = E
0
2 −
RT
F
log
x2
1− x2 +
RT
F
ln
CLi
C0
(4.5)
where E1 and E2 are the two equilibrium potentials of the reactions and E
0
1 and E
0
2
are the standard potentials.
The equilibrium curve of Fig. 4.2 is the electrode potential, which results from both
equilibrium reactions occurring at the same interface. Imposing therefore E1 equal to E2,
one obtains:
x1
1− x1 =
x2
1− x2 e
F (E01−E02)
RT (4.6)
A total fraction of sites x can be defined as:
x =
Cs1 + Cs2
CT1 + CT2
(4.7)
which can be rewritten using the definitions of x1 and x2 as:
x(CT1 + CT2) = x1CT1 + x2CT2 (4.8)
Evaluating x1 from Eq. 4.8 and substituting in Eq. 4.6, a second degree equation in
x2 is obtained. Choosing the solution that gives a positive number, the follow expression
for x2 is obtained:
x2 =
((bx− a− β) +√((bx− a− β)2 + 4abx)
(2a(β − 1)) ; (4.9)
where a=
CT1
CT2
, β=e
F (E01−E02)
RT and b=(1 + a)(β − 1).
From Eq. 4.9 and Eq. 4.5, the potential equilibrium as a function of x is obtained.
The calculated curve is represented in Fig. 4.3 (black squares), together with the LMO
experimental equilibrium curve (red line). Both curves are reported vs. the potential of
ERLE . Values of a and β that give a similar shape to the experimental curve were chosen.
As expected, the two curves differ on the first inflection point. In this region a two phase
transformation occurs which leads to a flat potential. This effect is not included in the
model. Globally, the theoretical curve matches fairly well with experimental curve and
can be implemented to qualitatively describe the intercalation mechanism in two solid
solutions.
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Figure 4.3: LMO equilibrium potential vs. Li molar fraction evaluated from Eq. 4.5 at
a=1, β=345.3 (black squares) and experimental equilibrium curve (red line).
4.2 Lithium excluding electrode - Nickel Hexacyano-
ferrate
NiHCF is a material that belongs to the Prussian Blue family, which has recently raised
attention in battery field [39, 70, 71]. Its formula is AnNi(CN)6, where A represents the
intercalated cation. The crystal structure of NiHCF is shown in Fig. 4.4. The cubic
crystallographic cell can be divided into four equal cubic sub-cells. The sub-cells are
formed by FeII/III and NiII ions at the corners and by the CN groups at edges. Hence
each NiII is coordinated with six N and each FeII/III with six C atoms [72]. This structure is
equal to Prussian Blue materials [73, 74, 75, 76], where Ni is substituted by Fe, or to other
derivatives, for example copper hexacyanoferrate, where Ni is replaced by Cu [39, 77].
Each sub-cell of the crystallographic structure is an interstitial site, where a cation can
be hosted. Their intercalation occurs during reduction of Fe from 3 to 2. Thanks to the
rigid structure, it occurs without distortion of the framework.
Its “open” framework, formed by larger interstitial sites, leads to a fast charg-
ing/discharging rate. Moreover, NiHCF has a good charge retention, low cost and low
toxicity [78]. All these features make it a very interesting material in battery field
application, despite its low charge density (ideally 86 mAh/g).
Intercalation in NiHCF, and in general in Prussians blue, is not selective: intercalation
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of various cations are reported in literature such as lithium, sodium, potassium, rubidium,
caesium and ammonium [38, 40, 49, 70], at different potentials. This potential depends
on the Gibbs free energy of intercalation and it is higher for ions thermodynamically more
favored in the solid phase than in the liquid. Indeed, considering the follow equilibrium
reaction:
AKNi[FeII(CN)6] + B
+ −−⇀↽− BKNi[FeII(CN)6] + A+ (4.10)
where A+ and B+ are two cations in solution, its standard Gibbs free energy is equal to:
∆G0 = −F (E0B − E0A) , (4.11)
where E0A and E
0
B are the standard potential of intercalation of the cations. If E
0
B
> E0A, ∆G
0 is negative, which means that B+ is more favored to stay in the NiHCF
structure than A+.
Due to its non-selective intercalation, application of Prussian Blue derivatives in var-
ious technologies, such as water desalination [79] or energy production from salinity dif-
ference [80, 81, 82], has been investigated in the last decade.
NiHCF was selected as a lithium excluding electrode in ion-exchange technique due
to the low intercalation potential of Li+ in its structure [40], that makes intercalation of
other alkaline cations more favored. Its unselective intercalation allows the use of various
aqueous sources as recovery solution during the release of lithium such as sea-water or
brine. Moreover, its intercalation potential is lower than other Prussian blue derivative,
well inside stability window of water.
A deeper understanding of thermodynamic of NiHCF in cation mixtures is very impor-
tant due to its possible applications. While the intercalation of a single cationic chemical
species has been largely investigated, a study of mixed ion intercalation is still missing.
During this PhD work, a step forward into the understanding of the intercalation
thermodynamics of mixed cations was achieved. In this Section, the study on intercalation
into NiHCF from solution with one and two cationic species is reported. Furthermore, the
experimental results are supported by a thermodynamic model that explains the observed
behavior.
4.2.1 Intercalation in single-salt solutions
A prior study on intercalation in single-salt solution was performed, as a starting point
for the understanding of the thermodynamic behavior in mixed solution.
The electrochemical measurements were carried out in the cell described in para-
graph 3.2.3, using a three electrode set-up with of ca. 10 mg NiHCF as the working
electrode, 40 mg of NiHCF as the counter electrode and Ag/AgCl (3M KCl) as the refer-
ence electrode. In this way the reaction occurring at the counter is the capture and release
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Figure 4.4: Structure of the crystallographic cell of nickel hexacyanoferrate. Orange and
purple spheres represent the position of iron and nickel nuclei. Grey transparent spheres
represent the empty interstitial sites. Red spheres represent intercalated cations, which
can jump between interstitial sites. The sticks connecting the metal atoms represents the
CN groups. Adapted from [48].
of cations as well, so that the electrolyte composition is not modified by production of
other chemical species. The pH of the solution was decreased to 2 by adding nitric acid,
to preserve the stability of the cyano bond [83]. The cell was bubbled with argon for 10
minutes before the start of each experiment to remove oxygen.
Since the goal of the work is to investigate the thermodynamic behavior of the sys-
tem, an initial investigation of the conditions that most approaches to equilibrium was
performed. In general, overpotential vanishes decreasing the current. Various GCPL
measurements at different C-rates values were performed on NiHCF is 0.5 K2SO4 to find
the optimal current that avoid large kinetic effects. The mean between oxidation and
reduction branches of the potential vs. charge curve, Et, is calculated and then dC vs.
Et is extracted at the various C-rates. The value of Qmax used is the maximum charge
obtained experimentally at 1C. The results are shown in Fig. 4.5.
For higher value of C-rate, the curves are shifted along the Et-axis, namely the overpo-
tential is different between charge and discharge curves. That can be due to an asymmetry
in the diffusion or charge transfer overpotential, while the resistance of the solution gives
the same contribution during oxidation and reduction, since it depends by IRl, which is
equal in both current directions. The integrals of curves in Fig. 4.5 represent the charge
passed into the system and they decrease with the C-rate. This effect is due to increase
of diffusion overpotential in the solid, which leads to a lower filling of the material. In-
deed, according to the literature, transport of cations inside the solid phase is the major
overpotential for these kind of systems [84, 85]. The curve at 1C is similar to the one at
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Figure 4.5: Average differential charge dC vs. potential Et vs. Ag/AgCl 3 M, measured
in K2SO4 0.5 M, at various C rates [48].
2C, therefore 1C rate is selected to perform the experiments. Lower C-rates than 1C are
avoided to limit the effect of secondary reactions.
GCPL of NiHCF were performed in 0.5 M of K2SO4, (NH4)2SO4 and NaSO4. The
selected counter ion is SO2−4 , because it is fairly inert during the reaction in solution. The
correspondent dC curves are extracted and reported in Fig. 4.6. The peak position of dC
curve indicates the potential at which most of the intercalation occurs.
In order to evaluate the peaks, the center of mass of the curves are calculated as:
E¯ =
F
RT
∫
EdC (E) dE. (4.12)
which, substituting the definition of dC of Eq. 2.29, becomes the average potential
over x:
E¯ =
∫ 1
0
E (x) dx. (4.13)
It is well assessed that the main contribution to the intercalation energy is due to the
removal of the solvation shell of the cations [40, 86]. The smaller is the radius, the higher
is the cation charge density and consequently the larger is its solvation shell. Intercalation
of cations with higher radius is more favored. Values of E¯ obtained for intercalation of
K+, Na+ and NH +4 and ionic radii of each cation are shown in Table 4.1. It can be noted
that intercalation potential decreases for smaller ionic radii.
The dC curve for NH +4 has an additional peak at ca. 630 mV vs. Ag/AgCl (3M KCl).
The presence of this peak was already reported in literature for Prussian blue materials
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Figure 4.6: dC vs. potential Et for single cation intercalation, K
+, Na+ and NH +4 , at
1C rate [48].
E¯ [mV] Ionic Radii [A˚]
NH +4 527 1.43
K+ 506 1.37
Na+ 381 1.25
Table 4.1: Mean potential of intercalation in NiHCF and ionic radii of NH +4 , K
+ and
Na+.
at similar potential [87], although the reason of its formation is still not clear. Garcia
et al. [87] attribute it to the formation of complex similar to Mo¨hr’s salt, composed by
(NH4)2SO4 in solution and the low spin Fe in NiHCF.
dC curves for various cations reported in Fig 4.6 show different shapes. This is due
to the contribution of the “excess potential” introduced in Section 2.2, describing the
interactions between redox species in the solid. This aspect is explained further in the
next Paragraph.
4.2.2 Thermodynamic model in single salt solution
In Section 2.2 the expression of the equilibrium potential for the intercalation reaction
has been derived:
E = E0A +
RT
F
ln
CA
C0
+
RT
F
ln
1− x
x
+
1
F
∂Gexc
∂x
(4.14)
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For ∂Gexc∂xA → 0, the potential expression represents the ideal condition, in which the
interactions between redox species in the solid phase are neglected. The potential curve
calculated in this condition from Eq. 4.14 is the black curve reported in Fig. 4.7 (a). The
dC curve for the ideal case can be calculated from the inverse of the derivative of Eq. 4.14
with respect to x (dx/dE), for ∂Gexc∂xA =0. The resulted curve is reported in black color in
Fig. 4.7 (b). It has a bell-shaped curve, the half-peak width is equal to 3.5RT/F and the
peak is perfectly symmetric.
The shape of experimental dC curves differs from the ideal shape. This is likely due
to the interaction between the redox species in the lattice, represented by the term Gexc.
An expression for Gexc has been proposed by McCargar and others [49], for interca-
lation from single-salt solution in a Prussian Blue material. Specifically, they took into
account the interactions between nearest-neighbouring sites in a simple lattice model. For
a single cation intercalation, nearest-neighboring sites can be empty, both occupied by
the cation and one empty and one occupied. To each couple, an interaction energy can
be attributed, namely εee, εoo, εeo respectively. The interaction term is a function of
interactions of all couples.
Then the excess free energy of the solution is calculated using the regular solution
approximation [88]. This approximation considers the entropic part of the excess free
energy of a solution equal to 0. In other words, it assumes the entropy of the solution to
be equal to the one of an ideal solution with the same composition, namely with random
mixing without specific interaction. Hence, the excess free energy is equal to the excess
enthalpy, which is defined as:
Hex (xA) = wxA (1− xA) (4.15)
where w is the interaction term, depending on the interaction energies εee, εoo, εeo.
This term is included in the model by substituting Hex (xA) in Eq. 4.14 [49]:
E = E0 − RT
F
ln
xA
1− xA +
RT
F
ln
CA
C0
− w
F
(1− 2xA) . (4.16)
Potential profile and dC curves evaluated from Eq. 4.16 at different values of w are
reported in Fig. 4.7 (panel (a) and (b) respectively). E0 is arbitrary taken equal to 0, as
well as CA=C0=1 M. The term w changes the width of the curve: for positive values the
width decreases, for negative it increases. The position of peaks instead are not altered by
w values: the presented model describes the change of the width, while does not describe
possible asymmetries of the curve.
The average potential E¯, as defined in Eq. 4.13, can be calculated from Eq. 4.14:
E¯ = E0A +
RT
F
ln
CA
C0
. (4.17)
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Figure 4.7: Galvanostatic cycling (a) and differential charge (b) calculated by Eq. 4.16
for various values of two-points interactions between particles w. For w=0 (black lines)
the interaction are neglected and the curves are ideal [48].
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This equation is based on the property of excess free energy of pure states:
Gex (xA = 0) = G
ex (xA = 1) = 0. When the dC curves are symmetric, E¯ corresponds
to the peak potential. This is always true for the ideal model and for regular solution
approximation.
The w value for NiHCF in pure solutions of Na2SO4, K2SO4 and (NH4)2SO4 were
estimated by fitting the data of the dC curve with Eq. 4.16. The fitting works fairly well
for the curves of K+ and NH +4 (which are symmetric), the curve of Na
+ shows a slight
asymmetry which is not predicted by the model. The obtained values are -0.09, -0.42 and
-1.3 Wh/mol (-0.32, -1.5, -4.7 KJ/mol) for Na+, K+ and NH +4 respectively. The value
of w decreases for higher ionic radii, as reported by McCargar et al. for intercalation of
various cations in iron hexacyanoferrate [49]. The calculated interaction energy values are
less than 1% of the total thermodynamic energy of intercalation, that can be estimated
as E¯F [49], equal to 10.2, 13.5 and 14 Wh/mol for NH +4 , K
+ and Na+ respectively.
4.2.3 Intercalation in mixed solutions
GCPL measurements of NiHCF in two cationic species solutions were performed, at var-
ious cations ratio in solution, namely 1:1, 1:2, 1:5, 1:10, 1:20, 1:100, keeping the total
concentration constant at 0.5 M, for the couples K+ and NH +4 , K
+ and Na+ and Na+
and NH +4 . The dC curves are extracted and reported in Fig. 4.8.
Intercalation of two cations from a two salts solutions does not occur at two different
potentials. Instead, dC curves show a single peak. The curve moves in the E axis from
the intercalation potential of one cation to the one of the other. E¯ for dC curves vs.
relative concentration ( CACA+CB ) are reported in Fig 4.9. The index A refers to the cation
with higher intercalation potential in the couple. For K+ and NH +4 , that have similar
intercalation potential, the variation with the ratio in solution is small and linear. For the
other two couples instead the variation is large and it has a quasi-logarithmic scale. This
behavior is very interesting for applications of NiHCF intercalation in cations mixture,
since the energy required for the process and the voltage cell depend on the intercalation
potential. This can be explained through a mathematical model, reported in the next
paragraph.
4.2.4 Model in a mixture of two cations
The previous calculations can be extended to solutions in which two species of cations,
A+ and B+, are present. Using the same procedure for deriving Eq. 4.14 for the two
equilibriums occurring at the interface, the follow equations can be obtained:
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Figure 4.8: Differential charge dC vs. potential E measured in mixtures cations solution
at various ratios. Panel a: K+ and Na+. Panel b: NH +4 and Na
+. Panel c: NH +4 and
K [48].
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E = E0A +
RT
F
ln
CA
C0
− RT
F
ln
xA
1− xA − xB −
1
F
∂
∂xA
Gex (xA, xB) (4.18)
E = E0B +
RT
F
ln
CB
C0
− RT
F
ln
xB
1− xA − xB −
1
F
∂
∂xB
Gex (xA, xB) , (4.19)
where xA and xB are the molar fractions of sites occupied by cations A
+ and B+
respectively. The term Gex (xA, xB) accounts possible interactions between the redox
species in the lattice. The activity coefficients of the cations γR,A, γR,B and of the empty
sites γO can be extracted from the excess free energy:
∂
∂xA
Gex (xA, xB) = RT ln
γR,A
γO
(4.20)
∂
∂xB
Gex (xA, xB) = RT ln
γR,B
γO
. (4.21)
Equating the expressions of electrode potential E (Eqs. 4.18 and 4.19) one obtains:
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γR,AxA
γR,BxB
=
CA
CB
e−
F
RT (E
0
B−E0A), (4.22)
The final expression of the potential can be found defining the total fraction of charge
x = xA+xB (that directly depends on the charge) and deriving xA and xB as a function
of x through Eq. 4.22. Substituting xA and xB in Eq. 4.18, one obtains:
E = E0A/B +
RT
F
ln
CA + CB
C0
− RT
F
ln
x
1− x −
1
F
∂
∂x
G′ex (x) , (4.23)
where E0A/B is defined as the standard potential for intercalation from two salts solution:
e
F
RT E
0
A,B =
CAe
F
RT E
0
A + CBe
F
RT E
0
B
CA + CB
, (4.24)
All the activity coefficients can be grouped together, defining the function G′ex (x):
∂
∂x
G′ex (x) = RT ln
CA
C0
e
FE0A
RT + CBC0 e
FE0B
RT
CAγ0
C0γR,A
e
FE0
A
RT + CBγ0C0γR,B e
FE0
B
RT
.
A complete evaluation of the excess free energy for mixed cation intercalation has
been developed in the work published by Erinmwingbovo et. al [48]. In particular, we
have shown that the experimentally accessible function G′ex (x) is an approximation of
the excess free energy of the system Gex [xA (x) , xB (x)]. The entire demonstration is not
reported here, because it is out of the scope of this PhD thesis.
For vanishing interaction (G′ex → 0), Eq. 4.23 has exactly the same shape of potential
for single cation intercalation: this explains the presence of a single inflection point in the
galvanostatic cycling and of a single peak in the dC curve consequently.
The average potential E¯ is calculated as follows:
E¯ = E0A/B +
RT
F
ln
CA + CB
C0
− 1
F
G′ex (x = 1) . (4.25)
In this case, the term G′ex (x = 1) is not equal to 0, since it is an approximation of
the excess free energy for xA+xB = 1. Excess free energy is equal to 0 by definition only
for the pure states, i.e. xA = 1 or xB = 1.
Neglecting the termG′ex (x = 1), Eq. 4.25 is used to evaluate the E¯ for cation mixtures.
Results are shown in Fig. 4.10, together with the experimental results.
The E¯ calculated shows a good agreement with the experimental values. For the
couple K+ and NH +4 that have similar average potential in single salt solution, the
change of the average potential for the two salts solution is small and linear with the
relative concentration. For the other two couples, namely K+ and Na+ and NH +4 and
Na+, the average potential moves clearly for one extreme to the other. For equimolar
solution ( CACA+CB=0.5), the average potential is similar to the one of the more favored
52
 0.35
 0.4
 0.45
 0.5
 0.55
 0  0.2  0.4  0.6  0.8  1
E
 v
s.
 A
g
/A
g
C
l 
/ 
V
CA/(CA+CB)
K
+
:Na
+
NH4
+
:K
+
NH4
+
:Na
+
Figure 4.10: Experimental (points) and calculated values (line) of E¯ vs. relative concen-
tration CA/(CA + CB) of the two cations in solution for the NH
+
4 /K
+, NH +4 /Na
+ and
K+/Na+ couples. The solid lines refer to the ideal model (wAB=0); the dotted lines to
the model with two-points interactions, with wAB equal to RT and −RT [48].
 0.01
 0.1
 1
 10
 100
 1000
 0  0.2  0.4  0.6  0.8  1
x
A
/x
B
C
A
/C
B
K
+
:Na
+
NH
4
+
:Na
+
NH
4
+
:K
+
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cation (K+ and NH +4 ). Only by decreasing its relative concentration down to 0.01, the
average potential approaches the one of the less favored cation.
The behavior is explainable looking to Eq. 4.22, that relates the fraction of intercalated
cation xA/xB with the concentration ratio in solution. For the ideal case (γR,A= γR,B=1)
the equation becomes:
xidA
xidB
=
CA
CB
e−
F
RT (E
0
B−E0A). (4.26)
The higher is E0A respect to E
0
B , the bigger is the ratio x
id
A/x
id
B respect to CA/CB .
Fractions xA/xB for various CA/CB calculated by Eq. 4.26 are reported in Fig. 4.11. For
the cations couples K+/Na+ and Na+/NH +4 , at equimolar concentration (CA/CB=1),
the more intercalated cation is the more favored (K+ or NH +4 ). By decreasing the
concentration of the more favored cation, the ratio slowly decrease. Only at the ratio
CA/CB=1/100 the cations are almost equally intercalated. For the couple NH
+
4 and
K+, which have similar intercalation potentials, xA/xB ≈ CA/CB .
The evaluation of xA/xB explains also why the dC curve shows only one peak. For
1:1 concentration ratio in solution, the more favored cation is mostly intercalated in the
solid, therefore only its peak is visible. At lower ratio, its concentration decreases and
the average potential is shifted towards lower values with a Nerstian dependence. The
concentration of the less thermodynamically favored cation keeps instead approximatively
constant, so that the two peaks overlap. This is certainly valid a the extremes: for
the couple K+ and Na+ at 1:100 ratio the average potential of K+ lowers by 118 mV,
practically equal to the average potential of Na+.
It is worth to include in the evaluation of the intercalation potential in mixed solutions
an excess free energy evaluated through the regular solution approximation, to check if it
gives a large contribution to the total average potential of mixed intercalation.
The calculation of Gex reported previously using the regular solution approximation
is extended for the case of intercalation from mixed-ion solutions. The excess enthalpy
becomes:
Hex (xA, xB) = wAxA (1− x) + wBxB(1− x) + wABxAxB , (4.27)
where wA and wB correspond to the interaction energy w for single cation intercalation
extracted from the experiments in single salt solution, while wAB corresponds to the
energy coming from interaction between two cationic species intercalated in the solid.
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Equations 4.18 and 4.19 become:
E = E0A −
RT
F
ln
xA
1− x +
RT
F
ln
CA
C0
+ (4.28)
1
F
(wAxA + wBxB + wAx− wABxB − wA)
E = E0B −
RT
F
ln
xB
1− x +
RT
F
ln
CB
C0
+ (4.29)
1
F
(wAxA + wBxB + wBx− wABxA − wB)
These equations were solved numerically in xA and xB , using the experimental po-
tential and charge (E and x), at various values of wAB (−RT , 0 and RT ). The average
potentials E¯ are calculated from Eq. 4.25 and reported in Fig. 4.10. E¯ does not change
appreciably, by changing wAB . Concluding, the introduction of the excess free energy
using the regular solution approximation does not lead to any relevant changes in the
proposed model for intercalation from two salts cations.
4.2.5 Conclusions
In this Section the thermodynamics of intercalation in NiHCF was discussed, for single
and two salts solution. The experiments were supported by a thermodynamic model that
can be generally used for battery-like material.
Intercalation in NiHCF from single cation solution was performed. A correlation
between the intercalation potential and the radius of the cation was found, as already
reported in literature [38, 40, 70]. Moreover, the interaction energies between redox
species in the host structure were estimated through a regular solution approximation.
They give a small contribution to the total energy of intercalation.
After that, intercalation in NiHCF from two salts solutions was performed. The dC
curves have a bell shape, whose peak potential can be predicted by an ideal thermody-
namic model. The model allows to predict the amount of intercalated cations in the host
structure. An estimation of the excess free energy for the intercalation of two cationic
species was included in the model through the regular solution approximation. The inclu-
sion of excess free energy in the calculation does not influence the intercalation potential
considerably, showing that the presented ideal model well describes the system.
It is important to point out that the results shown in this Section can be very relevant
for application of NiHCF in a mixture of two cationic species.
Firstly, Eq. 4.26 allows to have a fairly good quantitative evaluation of the amount of
the two cations intercalated in the solid. This can be relevant for future application of
the NiHCF in electrochemical ion pumping techniques for solution purification, included
lithium recovery. Indeed, during the release step, NiHCF captures cations from a cation
mixture and therefore it participates actively on the achievement of the final purity of the
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solution. The developed model can be therefore useful to predict the final concentrations
of a certain recovery solution upon cycles if there are more than one cation that can be
inserted in the NiHCF, during the exchange of lithium.
Furthermore, from Eq. 4.25 the intercalation potential from two salts solutions can
be predicted. This can be useful to estimate the thermodynamic energy or voltage cell
during charge or discharge for some applications of NiHCF in mixture cations electrolyte
(batteries, water treatment, etc.), including ion-exchange for lithium recovery. The ther-
modynamic energy of intercalation in NiHCF can be a large contribution to the total
electrical energy required by the process, as it will be further discussed in Chapter 6.
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Chapter 5
Capturing from Diluted
Lithium Brine
This Chapter is dedicated to the study of lithium capturing process from diluted brine.
All the experiments reported in this Chapter, unless otherwise specified, have been
carried out using the cell described in paragraph 3.2.1, running GCPL measurements, with
LMO as WE, NiHCF as CE and Ag/AgCl as RE. Since the focus is to investigate only
the lithium capturing step in LMO from diluted solutions, the experiments are performed
as follows: a negative constant current is applied, so that the LMO is reduced until the
potential of 0.37 V vs ERLE and lithium cations are intercalated in the solid, than the
current is inverted and the lithium cations are released back in the same solution, until
the potential of 0.96 V vs ERLE . In the graphs of this Chapter, the galvanostatic curves
of LMO are reported with increasing positive charge during the capture of lithium, which
occurs on the reduction branch.
The performances of the process have been investigated at various flow rates by chang-
ing some parameters, such as brine concentration (Sect. 5.1 and 5.7), electrode mass
loading (Sect. 5.3) and applied current (Sect. 5.4). An estimation of the pumping energy
required during the capturing step is made in Sect. 5.6. Moreover, a mathematical model
of the flow-through electrodes cell has been developed to simulate the experimental results
(Sect. 5.2). Some of the content of this Chapter have been previously published [64].
5.1 Effect of the lithium ions concentration
The effect of lithium concentration on the capturing step was investigated, firstly running
a GCPL in the conical cell described in paragraph 3.2.3 in “similar-Atacama” solution.
In order to have a first overview on the magnitude of the lithium concentration effect, the
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Figure 5.1: GCPL of LiMn2O4 in “similar-Atacama” solution and 10 times diluted
“similar-Atacama” solution in the flooded cell without flow [64].
experiment was repeated in the same cell with a ten times diluted solution.
The galvanostatic curves are shown in Fig. 5.1. The charge is normalized by the mass
of electrode. Both reduction (bottom curve) and oxidation (top curve) potential profiles
in “similar-Atacama” solution have the classic shape of LMO [69].
As previously reported [6], the maximum reduction charge Qf obtained in
“similar-Atacama” solution (blue curve) is close to the theoretical capacity of LMO,
c.a. 105 mAh/g. Repeating the experiment in the 10 times diluted similar-Atacama
solution (green curve), where the concentration of LiCl is 4 mM, a value of Qf equal to
only 2.5 mAh/g is observed.
This huge difference in performances is due to the mass transport limitation, which
increases by decreasing lithium concentration.
It is thus necessary to improve the transport of lithium by advection. Therefore,
the same experiments were repeated in the flow-through electrodes cell described in
Sect. 3.2.1, whose scheme is reported in Fig. 3.1. The discharge and charge curves of
LMO, obtained in “similar-Atacama” solution and in the ten times diluted solution, are
reported in Fig. 5.2, panel (a) and (b) respectively. Each curve is obtained pumping the
electrolyte at a different flow rates.
The curves obtained in “similar-Atacama” solution in the flow-through electrodes cell
at values of flow other than 0 are practically equal to the curve obtained in the flooded
cell. On the other side the curve obtained without pumping (Fig. 5.2 (a), black curve)
reaches much lower value of Qf . That can be explained by estimating the volume of
the flow-through electrodes cell. Considering the thickness of electrodes stack (930 µm
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Atacama” solution at various electrolyte flow rates (0-0.2 ml/min and 0-0.9 ml/min re-
spectively, in steps of 0.1 ml/min). The experiments are performed in the flow-through
electrodes cell described in paragraph 3.2.1 [64].
including WE, CE and separator) and the geometrical area (c.a. 1.2 cm2), the liquid
volume in the cell is circa 114 µL. Hence, the total amount of lithium inside the cell is
4.6 µmols. Considering the mass of the active material (6 mg for the electrode used in
the experiment), the specific charge of 20 mAh/g reached without flow corresponds to
capturing 4.5 µmols of lithium, matching almost perfectly with the amount present in the
cell. Hence, in absence of flow, the lithium capturing from “simil-Atacama” solution is
limited by the amount of lithium ions in the cell. This limitation does not occur in the
flooded cell, as the total volume used is 50 ml.
When the diluted “similar-Atacama” solution is used (Fig. 5.2, (b)), the curves mea-
sured at different flow rates differ in the reduction parts, thus indicating that the flow
rate has an influence on the capturing of the lithium ions. On the other side the oxida-
tion parts are very similar: they occur at the same potential and the first plateau fits
almost perfectly for all the curves. A clear positive influence of the electrolyte flow rate
on Qf can be appreciated, thus confirming the importance of diffusive ion transport in
the liquid.
In order to have a better view of the dependence of the maximum charge on the
electrolyte flow rate, Qf values vs. the volumetric flow rate Γ are reported in Fig. 5.3, for
all the experiments performed in the two solutions. The values of Qf are normalized by a
“reference charge” Qr, that is the maximum charge of the electrode, measured in “similar-
Atacama” solution at the minimum available flow rate (0.1 ml/min). The ratio Qf/Qr
represents the amount of solid that participates to the intercalation reaction, namely the
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Figure 5.3: Maximum reduction charge Qf of LiMn2O4 normalized by the reference
charge Qr vs. the volumetric flow rate of the electrolyte in “similar-Atacama” and 10
times diluted “similar-Atacama” solution [64].
fraction of the active material filled by lithium: the higher is Qf/Qr, the higher is the
capture efficiency. Qr was measured for each electrode prior to its use in the flow-through
electrodes cell and every 10 capturing cycles, so that the degradation upon cycles of the
LMO electrode was monitored.
The data representation as in Fig. 5.3 shows that in the ten times diluted solution,
Qf/Qr is almost equal to zero for flow rates less than 0.2 ml/min. Then it starts to
increase linearly until c.a. 1 ml/min, where it reaches a limit value of circa 0.6. Instead,
the curve obtained in “similar-Atacama” solution reaches values of circa 1 for flow rates
other then 0. Both flow rates and lithium concentration have a huge influence on the
lithium capturing efficiency.
In order to investigate more on this effect, the same experiments in solutions with
different concentrations of LiCl (1 mM, 2 mM, 5 mM, 10 mM) and 100 mM of NaCl have
been performed. Na+ was chosen as second cation in solution, since it is usually the most
present cation in Li+ brines. Na+ concentration has been chosen so that the solution has
a ratio Li/Na similar to the geothermal waters [89], which are brine sources relatively
spread in Europe. The effect of the presence of other cations on Li+ intercalation on
LMO has already been studied [6].
The galvanostatic curves obtained at different flow rates are reported in Fig. 5.4, in
panel (a) for 1 mM, (b) for 2 mM, (c) for 5 mM and (d) for 10 mM.
As expected, the flow rate has a large influence on lithium capture; indeed Qf increases
with the flow rate at each concentration until a maximum value. The flow rate values
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Figure 5.4: Galvanostatic curves of LiMn2O4 obtained in 1, 2, 5 and 10 mM LiCl and 0.1
M of NaCl (panel (a), (b),(c) and (d) respectively) at 1 mA and different flow rates. The
value of the flow rate is indicated in the legend in ml/min [64].
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tential η¯; both quantities are reported vs. the molar flow rate of the electrolyte at various
concentrations of LiCl [64].
influencing the charge are in different ranges for each concentration, namely they are
smaller by increasing the concentration. The more diluted is the lithium source, the
higher is the volumetric flow rate that must be applied to obtain the maximum filling of
material.
The Qf/Qr values vs. flow rate of the electrolyte in the cell are shown Fig. 5.5. The
experiments have been repeated three times with three different electrodes and the error
bar of the experiments is reported. In order to highlight the concentration effect, the
curves are reported vs. the molar flow rate, evaluated multiplying the volumetric flow
rate for the lithium solution concentration:
Mf = ΓCLi+ ; (5.1)
The applied current during the experiment is 1 mA, that carries a charge equal to
60 mC/min, which on turn corresponds to a capturing rate of circa 0.6 µmol/min. Hence,
for molar flow rates lower than this value, the limiting factor of the process is the amount
of lithium pumped in the cell. This effect results in a increase of Qf/Qr less than linear,
for Mf < 1 µmol/min. For Mf > 1 µmol/min, Qf/Qr increases instead linearly, thus
indicating the positive effect of the flow on the capture. For Mf > 5-6 µmol/min, Qf/Qr
reaches a saturation values much different for each concentration (0.2, 0.4, 0.75, 0.9 at
1, 2, 5 and 10 mM respectively). That suggests the presence of some limitations to the
complete solid filling related to the concentration.
By reporting the Qf/Qr curves vs. Mf , it can be noted that the values of molar
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flow rates at which Qf/Qr reaches its saturation (hereafter called “saturation molar flow
rate”, Ms) are very similar for all the concentrations.
A more precise estimation of the saturation flow rate can be performed fitting the
curve with a function of the type a(1-exp(-bx)) and choosing Ms equal to 3/b, which
corresponds to the 95% of the saturation point. The found values are 10.4, 5.4, 3.6 and
3.2 µmol/min for 1, 2, 5 and 10 mM. Ms values increase by decreasing the concentration,
but less than the respective volumetric saturation flow rates (10.4, 2.7, 0.72, 0.32 ml/min).
It can be concluded that the amount of lithium flowing through the reactor is an important
parameter of the process, as its optimal value is similar for all the concentrations.
In Fig. 5.5 panel (b), the mean overpotential of the process vs. the flow rate for each
concentration is reported, extracted from the galvanostatic curves as follows:
η¯ =
1
Qf
∫ Qf
0
|Ered(Q)− Eeq(Q)|dQ. (5.2)
where Ered is the potential of the reduction branch of the cycle, Q is the charge and
Eeq is the equilibrium potential, obtained experimentally as already reported in Sect. 4.1
(Fig. 4.2). The overpotential follows an equal and opposite trend of Qf/Qr: it keeps
almost constant at low Mf (0-1 µmol/min), it starts to linearly decrease for Mf > 1
µmol/min, until it reaches a saturation value for Mf > 5-6 µmol/min. The trend of η¯
confirms further that the main overpotential of the process is the lithium transport in the
liquid phase, since it decreases by increasing the flow rate.
In order to explain the trend ofQf/Qr and η¯ with the flow rate and the large differences
of their saturation values at the various concentrations, it is useful to observe the Scanning
Electron Microscope (SEM) images of the porous electrode used in the experiments,
reported in Fig. 5.6. The electrode is formed by macropores created by the carbon cloth
fibers, where small particles of active material are spread, forming various size pores.
The porous structure of the electrode is not uniform but, on contrary, it is strongly
irregular. For this reason, the flow is severely inhomogeneous in the porous matrix of
the electrode. It can be supposed that the advection flow mainly passes in the largest
pores, created by the carbon cloth fibers, that are probably almost inactive, since they
are not filled by the active material. Then the flow passes in the pores created by the
agglomerated particles of active material. Here lithium is mainly transported by advection
and this explains the positive effect of the flow on captured lithium amount. Nevertheless,
in the small pores the flow barely passes or it completely absent. In these pores, lithium
transport occurs by diffusion. The lower is the concentration, the higher is the mass
transport overpotential. In other words, the difference between the maximum fillings of
active material at the various concentrations is due to the diffusion transport occurring
in the small pores where the flow is low or absent.
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Figure 5.6: SEM images of the LMO electrode, loaded at 5 mg/cm2 of active material.
Dr. Jenz Glenneberg of IFAM institute is greatly acknowledged for having provided these
images.
The reduction branches of the GCPL curves obtained at 10 mM and various flow
rates (Fig. 5.4 panel d) show the two typical inflection points of LMO occurring at the
same potentials even at low flow rates (for example at 0.2 ml/min), but compressed along
smaller values of the x-axis. Similar shapes are observed also for the other concentrations,
although strongly deformed by the overpotentials, especially at low concentration (1 and
2 mM). This phenomenon is in line with the system description given above. Indeed, the
presence of the two inflection points for almost all the curves is given by that part of solid
completely filled by lithium. This amount of “active” material is located in the pores that
are sufficiently crossed by the advection flow, and their filling increases with the flow rate.
On the contrary, the active material in smaller pores does not (or not completely) fill,
giving rise to the mass transport overpotential that deforms the curves. In order to prove
the interpretation of the results given in this Section, a mathematical model to describe
the system has been developed. The model is reported in the next Section.
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5.2 Mathematical model of the reactor
5.2.1 Introduction
In this Section a mathematical model of the flow-through electrodes reactor is reported.
The model has been developed to simulate the electrochemical behavior of LMO during
the capturing step and to understand deeper the occurring phenomena that limit the
capture efficiency.
As already mentioned in Chapter 3, flow-through electrodes configuration in fixed bed
reactor is widely used for ions removal from streams. The reactor design (estimation of cell
length, particles dimension) and the search of the optimal parameters (flow rate, current
density) require mathematical models that has been largely investigated and applied in
electrochemical engineering field.
One of the first models for flow-through electrodes cell was proposed by Newman [54,
55]. The model of Newman for porous electrode is the most famous in batteries field, due
to its simplicity and effectiveness [90, 91, 92, 93]. In this model, the local variables of
the balance equations are average values, obtained through the average integral of mass
and charge balance over a volume dV of the electrode, large compared to the porous
structure and smaller than the region where microscopic variation occurs. The electrode
structure is described as mono-dimensional and isotropic. In this way, one can treat the
problem using variables that describe macroscopically the system, avoiding the details of
complicated microscopic structure of the pores. The porous electrode model applied to
flow-through electrodes cell predicts fairly good the cell length and electrolyte flux for an
optimal metal removal [54, 55]. Due to the macroscopic treatment, Newman model does
not take into account the velocity distribution inside the porous matrix. On the contrary
the electrolyte velocity is assumed to be constant throughout the electrode. Nevertheless,
the microscopic structure and the velocity distribution can play an important role in
some cases, especially when the electrode is composed by particles and pores of various
dimensions.
More recent models have introduced a distinction between macropores and micropores
into the treatment, in order to take into account the different phenomena that occur
at various pore size [62, 94, 95, 96]. These models consider the transport occurring
only in macropores, and the interface phenomena (current and double layer) only in the
micropores. The transport between the two kinds of pores is at the equilibrium. Although
these models are a step forward to a more complete descriptions of porous electrodes, the
advection flux is still considered uniform in the macroscopic porous matrix.
In order to prove the interpretation of lithium capture experiments given in the last
Section, the use of an average electrode velocity is not sufficient. As the porous structure
of the electrode is strongly inhomogeneous, the experimental behavior can be modelled
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taking into account a velocity distribution in the porous matrix, which can explain the
high diffusion overpotential, even at high flow rates.
The velocity distribution in a porous medium depends on the hydraulic transport
properties, which on turn depend by the porous structure [97, 98]. The microstructure
can be accurately estimated through many methods, for example micro or nano computer
tomography (3D X-ray measurements) [99, 100, 101] and magnetic resonance imaging
(MRI) [102, 103]. Obtaining an accurate image of the porous structure and solving the
Navier-Stokes equation to get the local velocity, it is possible to extrapolate the pore scale
fluid flow [104, 105] and estimate precisely transport parameters of the medium [105, 106].
Although this method leads to very accurate hydraulic model of porous media, it requires
a strong computational power and long calculation time.
For these reasons, in this PhD thesis, a more simplified model has been preferred,
using a form of the porous structure, that represents schematically the real electrode.
The use of a very simplified description of porous structure has already been used in
previous works on lithium ion batteries, for describing the galvanostatic curves [107, 108].
These models have focused mostly on the description of the particle size distribution, in
order to study its influence on the mass transport in solid, on the charge transport at the
interface and on the current distribution. The most common models [109, 110] consider
the active material as an assemble of spheres, representing the particles. Although this
representation is a simplified scheme of the real porous structure, the model predicts
fairly well the experimental results and it can be considered as a method to optimize the
porosity and the particle size distribution of the electrodes.
Taking inspiration from these works, in this section a schematic electrode geometry
is used to describe the capturing step in the flow-through electrodes cell. Differently
from the above cited models, since the critical step of the process is the transport in the
liquid, in this case the microscopic description regards the pores, rather than the particles
distribution. Diffusion in the solid can be considered much faster than in the liquid, so
that the solid description is neglected. A porous distribution is instead considered, with
pores having various sizes and crossed by the flux at different velocities. The pores are
assumed to have a specific direction in the space.
The cell is modelled as an assemble of five plates of 12 mm diameter (titanium frit
upstream, LMO electrode, separator, NiHCF electrode, titanium frit downstream) in con-
tact with each other (Fig. 5.7). The plates are crossed along their thickness by channels
with various diameters, whose axis direction is parallel to the flux. The channels represent
the pores of the electrode. A schematic representation of the electrode as a perforated
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Figure 5.7: Schematic representation of the flow-through electrodes cell.
Figure 5.8: Schematic representation in section of the electrode geometry assumed in the
model. The dotted lines represent the channels crossing the electrode.
plate is shown in Fig. 5.8. In this configuration, the liquid volume inside a single chan-
nel crosses the entire cell length, without contact with the liquid in the other channels.
Therefore, the liquid transport across connections between the pores is neglected. The
channels with the same diameter are crossed by the liquid at the same concentration Ci,k
and they are at the same liquid potential ϕk, where the index k indicates the channel
group with the same diameter and the index i represents the specie.
A direct consequence of this model choice is that LMO and NiHFC electrodes have the
same porous distribution, since the channels cross all the cell thickness. This is not true in
the real system, as the NiHCF electrode has a different mass loading and porous structure.
However, the main interest of this model is the investigation of the lithium transport
along the LMO electrode, therefore a detailed description of the counter electrode is not
necessary.
The total volume of the electrode Ve, evaluated from its radius (Re, 6 mm) and
thickness (Le, 400 µm), can be divided into three volume fractions: the solid, the liquid
and the carbon cloth volume fractions. The carbon cloth fraction fCC is kept constant at
the arbitrary value of 0.47. The solid volume fraction is estimated as fs = Vs/Ve, where
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Flow direction
z
r
Lp
Rp
Figure 5.9: Schematic representation of the channel with the reference system.
Vs is the active material volume, which depends on the mass loading of the electrode. The
liquid fraction fl (or electrode porosity) is evaluated from difference between the other
fractions, as 1-fs-fCC .
5.2.2 Hydrodynamic model
The effect of the inhomogeneous distribution of the flux is simulated considering four
types of channels with different diameters. The schematic representation of the channel
is reported in Fig. 5.9.
The direction of the flow is parallel to the channel axis (z direction), because the
pressure gradient is equal to zero in the other directions. Since the flow regime inside
the cell is laminar during the experiments (see Section 5.6), the velocity has a symmetric
parabolic profile along the radius, according to the Poiseuille equation:
vp =
∆P
Lp
R2p
4µ
[
1−
(
r
Rp
)2]
(5.3)
where ∆P is the pressure drop at the electrode extremes, Rp is the pore radius, Lp is
the pore length, µ is the solution viscosity and r is the position along the radius. The
velocity inside the pore for each channel group is approximated to a mean value, equal to
the half of the maximum value, whose position is at the center of the pore (r=0).
vm,k =
∆PR2p,k
8µLp
(5.4)
The number of pores of the electrode for each group k is calculated from the total
volume of electrode Ve, the porosity fl, the fraction of porosity occupied by a pore group
fl,k and the volume of single pore Vp,k:
Nk =
Veflfl,k
Vp,k
=
R2eflfl,k
R2p,k
(5.5)
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By means of the velocity vm,k and the pore number Nk, the flow rate crossing a
channel group is calculated as:
Γk = vm,kπR
2
p,kNk (5.6)
Substituting the definitions of vm,k and Nk in Eq. 5.6, Γk becomes:
Γk =
∆PπR2e
8µLp
flR
2
p,kfl,k (5.7)
Γk depends from both characteristics of the porous distribution, Rp,k and fl,k, which
are optimized for fitting the experimental data.
In order to simulate the experimental conditions, the total flow rate passing through
all the channels must be equal to the flow rate Γ imposed experimentally:
∆PπR2e
8µLp
fl
∑
k
R2p,kfl,k = Γ (5.8)
Therefore, once fixed fl, the values of Rp,k and fl,k must be chosen so that they satisfy
this condition.
Finally, the fractions of flow rate passing for one pore group fq,k can be defined as:
fq,k =
Γk
Γ
=
R2p,kfl,k∑
k R
2
p,kfl,k
(5.9)
As it will be shown in the next paragraphs, the value fq,k is an indicative parameter
of the efficiency of the process, as it represents the amount of lithium passing through
a pore group with respect to the total flow rate and it is linked to the electrochemical
behavior of the reactor.
5.2.3 Mass and charge conservation equations
In the system, Ci,k and ϕk are time and space variables. Specifically, they depend on
the z and r directions in the space. In order to describe them, the mass and the charge
balance laws are needed. For each species, the following mass balance equation is valid
(II Fick’s law):
∂Ci,k
∂t
= −∇Ji,k (5.10)
where Ji,k is the flux for each component i for a channel group k.
The quantity Ji,k can be divided into three contribution terms, the diffusive, migrative
and convective fluxes:
Ji,k = Ji,k,diff + Ji,k,migr + Ji,k,conv (5.11)
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which are described through the Nernst-Plank equation:
Ji,k = −Di∇Ci,k − ziFDiCi,k
RT
∇ϕk + Ci,kvk (5.12)
where Di is the diffusion coefficient and zi is the valence of each specie.
The charge balance equation is easily obtained multiplying each term of Eq. 5.10 for
ziF and summing up for the overall species, considering that∑
i
ziFCi,k = 0 (5.13)
for the electroneutrality condition. One obtains:
F∇
∑
i
ziJi,k = 0, (5.14)
which, substituting the Nernst-Plank equation (Eq. 5.12) to explicit the term Ji,k, be-
comes:
∇ (Ks,k∇ϕk) + F
∑
i
zi∇ (Di∇Ci,k) = 0 (5.15)
where Ks,k is the electrical conductivity of the solution and it is equal to:
Ks,k =
F 2
RT
∑
i
z2iDiCi,k (5.16)
In the model only transport along the channel axis has been taken into account, con-
sidering the liquid in the radial direction well mixed and no gradient along the radius.
This assumption is near to the reality for the small pores (<1 µm), where the transport
along the radius is very fast. It becomes progressively less true for bigger pore, where a
concentration gradient can be formed in the radial direction, due to the larger diffusion
length. Nevertheless, the radial transport has been neglected for all the pore sizes. This
could be a strong assumption in some cases, however this simplified treatment can be
considered as a good starting point for the development of more complicated descrip-
tions. Furthermore, this assumption is similar to the classic treatment of bed packed
flow reactors, where the local movement of the species, namely the microscopic transport
from the liquid phase to the active site of the solid, is considered fast. In the traditional
approaches only the transport along the reactor axis is taken into account [111, 112, 113].
Using this simplification, the system is treated as mono-dimensional.
In order to simplify the system, the average of charge and mass balance equations
over the section of the channel Ap is performed, getting rid of the dependence on r. The
average of a function f over the cylindrical pore section is defined as:
f =
∫ Rp
0
f(z, r)2πrdr
Ap
(5.17)
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Given this definition, the average of Eq. 5.10 can be performed:
∫ Rp
0
∂Ci,k
∂t
2πr
πR2p
dr =
∫ Rp
0
−∇Ji,k2πr
πR2p
dr (5.18)
The left side term can be easily solved, as Ci,k is assumed independent by the r
direction and the term
∂Ci,k
∂t can be brought out from the integral.
The term ∇Ji,k can be split in divergence of the axial flux Jz and of the radial flux
Jr, by means of the definition of divergence vector:
∂Ci,k
∂t
=
∫ Rp
0
− ∂
∂z
Ji,z
2r
R2p
dr +
∫ Rp
0
−1
r
∂(Ji,rr)
∂r
2r
R2p
dr (5.19)
The first term represents the divergence of the axial flux along the z-axis, which is
constant with r. The second term contains the divergence of the radial flux along the
radius and it can be integrated as follows:
∂Ci,k
∂t
= − ∂
∂z
Ji,k,z − 2
R2p
Ji,k,rr
⏐⏐⏐Rp
0
(5.20)
and it becomes:
∂Ci,k
∂t
= − ∂
∂z
Ji,k,z − Ji,k,r
⏐⏐⏐
Rp
2
Rp
(5.21)
Substituting the expression of the flux along z, one obtains:
∂Ci,k
∂t
=
∂
∂z
(
Di
∂Ci,k
∂z
+
ziFDiCi,k
RT
∂ϕk
∂z
+ Ci,kvm,k
)
− Ji,k,r
⏐⏐⏐
Rp
2
Rp
(5.22)
The last term of this equation is the radial flux evaluated at the pore wall and 2Rp is
the exchange area per unit of volume (aint) for cylindrical geometry.
Following the same procedure, the charge balance averaged over the channel cross
section can be derived, starting from equation Eq. 5.15. One obtains:
∂
∂z
(
Ks
∂ϕz
∂z
)
+ F
∑
i
ziDi
∂2Ci,k
∂z2
= Ik,r
⏐⏐⏐
Rp
aint (5.23)
The terms Ji,k,r
⏐⏐⏐
Rp
and Ik,r
⏐⏐⏐
Rp
of Eqs. 5.22 and 5.23, represent the phenomena
taking place at solid/liquid interface, namely interfacial reactions and current respectively.
By means of this mathematical expedient, they are treated like bulk generation terms
(mol/cm3s), as they occur throughout all the thickness of the electrode.
During the capturing step, the term JLi+,k,r
⏐⏐⏐
Rp
2
Rp
in Eq. 5.22 represents the rate of
the delithiation, which causes the lithium concentration lowering along the pore. The
term of convective flux (or advection flux) depends on the electrolyte velocity vm,k, which
is proportional to ∆P R2p,k, as expressed by Eq. 5.4. The depletion of the concentration
along the pore is counterbalanced by high pressures and large pores size.
71
1 2 3 4 5 6
I II III IV VSubdomains
Boundaries
Upstream Reservoir Downstream Reservoir
Porous electrodes
Separator
Flow direction
Figure 5.10: Schematic representation of the 1D model domain.
In the next paragraph, the application of these equations and their boundary condi-
tions are reported.
5.2.4 The sub-domains and the boundary conditions
The cell is modelled in one dimension domain (see Fig. 5.10). The outer segments (I and
V) represent the titanium frits adjacent to the electrodes (thickness 3 mm). The segment
II and IV represent the LMO and the NiHCF electrodes respectively (400 µm). The III
segment is the separator (150 µm).
Reservoirs and Separator
In the reservoirs and the separator (I, III and V sub-domains in Fig 5.10), Eqs. 5.22
and 5.23 are valid for all the components with the terms Ji,k,r
⏐⏐⏐
Rp
= Ik,r
⏐⏐⏐
Rp
= 0, because
there is no reaction taking place.
At the points 1 and 6 Neumann boundary conditions are applied, namely Ji,k,diff=0
(the diffusive flux in these points is neglected) and Ji,k,migr=0, as no ionic current leaves
or enters the cell. The variables Ci,k and ϕk and the fluxes are continues through the
boundaries 2,3,4 and 5.
Electrodes
In the electrodes lithium and sodium cations are participating to the (de)-intercalation
reactions in LMO and in NiHCF respectively. The term JLi,r
⏐⏐⏐
Rp
is equal to rLi,k and
JNa,r
⏐⏐⏐
Rp
= rNa,k for the II and the IV sub-domains respectively, where ri,k are the reaction
rates (mol/m2s). Chlorine ions do not participate to any reaction, therefore rCl,k=0.
The term Ik,r
⏐⏐⏐
Rp
aint in Eq. 5.23 represents the current at the interface. It is composed
by two contributions, the Faradaic current, due to the charge transport at the interface
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linked to the reaction, and the charging current, due to the charge of the double layer:
Ii,k = ziFri,k + Ccdl
d∆ϕH,k
dt
(5.24)
where ∆ϕH,k is the difference of potential between the solid phase and the liquid phase
at the interface in each pore:
∆ϕH = ϕs − ϕk (5.25)
The reaction rate ri,k depends not only on Ci,k and ∆ϕH , but also on the filling of the
solid, namely on the concentration of cations in the solid material. Therefore in the II
and IV sub-domains the mass balances in the solid phases are necessary. Defining for each
channel group k and each reagent species i (Li+ and Na+ in the II and IV sub-domains
respectively) a solid concentration Cs,i,k, the equation has the form:
Vsfs,k
∂
∂t
Ci,k = ri,kAs,k (5.26)
where Vs is the total solid volume, As,k is the exchange area between the solid and
the liquid, defined as 2πRp,kLpNk, and fs,k is the fraction of solid that exchanges cations
with the liquid in the correspondent channel group k. The left side of the equation is the
accumulation term of cations in the solid and the right side is the generation term due to
the reaction.
The reaction rate expressions
The term ri,k is the reaction rate occurring at the solid-liquid interface. In the sub-
domain IV, representing the NiHCF electrode, it is expressed through the Butler and
Volmer equation:
rNa,k = nk0
[
xkCT e
(1−α)F
RT (∆ϕHk−∆ϕ0H) − CNa,k
C0
(1− xk)CT e
−αF
RT (∆ϕHk−∆ϕ0H)
]
(5.27)
where ∆ϕ0H is the standard potential difference and it is equal to E
0 +
µNiHCFe
F , with
E0 defined as in Eq. 2.17, CT is the maximum concentration of the active material,
(1 − xk)CT and xkCT are the concentrations of the empty and filled interstitial sites
respectively for each channel group, CNa,k is the concentration of sodium cations in the
liquid, n is the number of electrons involved in the reaction (in this case equal to 1), α is
the barrier coefficient (α = 1/2 in the numerical calculations), k0 is the kinetic constant
of the reaction (expressed in m/s) and C0 is a reference concentration (1 M was chosen
for all the species arbitrarily).
It is worth to notice that this form of the Bulter and Volmer equation is different
from the form presented in Eq. 2.6, where the reaction rate was expressed as a function
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of the overpotential; in this case it is written as a function of the potential difference at
the interface ∆ϕHk. If r=0, the system is at equilibrium and Eq. 5.27 falls into the form
of Eq. 2.24.
The expression of the reaction rate of LMO in the II sub-domain includes mathemat-
ically the LMO equilibrium potential profile derived in Section 4.1.
As mentioned in Section 2.2, the equilibrium potential can always be expressed as a
sum of an ideal potential and an excess potential:
Eeq,LMO = Eid + Eexc (5.28)
where Eeq,LMO is the potential expression of Eq 4.5 derived in Section 4.1, which
contains the dependence of LMO potential from lithium concentration in the solid and in
the liquid, while Eid is:
Eid =
RT
F
ln
1− x
x
(5.29)
Deriving Eexc from Eq. 5.28 and 5.29, one obtains:
Eexc = Eeq,LMO +
RT
F
ln
x
1− x (5.30)
This is a potential expression as a function of the concentration in the solid material,
which describes the intercalation in the two solid solutions of LMO as non ideal behavior
of the intercalation process. It can be included in the Butler and Volmer equation for
each channel group k as follows:
rLi,k = k0
[
xkCT e
(1−α)F
RT (∆ϕHk−
µLMOe
F −Eexc,k)+ (5.31)
−CLi,k
C0
(1− xk)CT e
−αF
RT (∆ϕHk−
µLMOe
F −Eexc,k)
]
This expedient allows to include the effect of the equilibrium potential of LMO in the
kinetic of the reaction through the Butler and Volmer equation. Indeed, when rLMO=0,
the interface is at equilibrium and the equation becomes:
∆ϕHk − µ
LMO
e
F
= Eexc − RT
F
ln
xk
1− xk = Eeq,LMO (5.32)
This procedure has been already used by Doyle et al. [93]. They found an arbitrary
function that fits the potential profile of LMO material and they included it in the Butler
and Volmer equation. This arbitrary function depends only on the lithium concentration
in the solid and not in the liquid, unlike the Eq. 5.30, where the liquid concentration is
included in the term Eeq,LMO (Eq. 4.5).
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The global equations
After having defined the equations valid for each channel group k, the global equations
valid for the entire electrode are reported. The total current imposed on the cell is defined
as the sum of the currents integrated over the exchange area in each channel group:
Itot =
∑
k
∫
As,k
IkdA (5.33)
and developing the expression:
Itot = 2π
∑
k
Np,kRp,k
∫ Le
0
Ikdx (5.34)
The total cell potential measured experimentally is defined as the difference of Galvani
potential of the solid between the two electrodes plus the transfer work of the electron
from one electrode to the other:
∆V = ϕs,II − ϕs,IV − µ
LMO
e − µNiHCFe
F
(5.35)
where ϕs,II is the solid potential of the working electrode (LMO, II sub-domain) and
ϕs,IV is the solid potential of the counter electrode (NiHCF, IV sub-domain). ϕs,II is
imposed equal to 0, so that the Eqs. 5.34 and 5.35 work as a potentiostat does: while the
current Itot is flowing into the sistem, ∆V is recorded, grounding the working electrode
and imposing the counter electrode potential (ϕs,IV ).
5.2.5 Simulations
The system of equations was solved with the software COMSOL Multiphysics 5.3, based
on the finite element method. The initial values of the variables have been set so that the
system is at the equilibrium at the beginning of the simulations (t=0). The starting ion
concentrations are equal to the brine concentration (CLi+= 1,2,5 or 10 mM, CNa+=1 M
and CCl−=CLi++CNa+); LMO is almost completely oxidized at the beginning (starting
concentration 5% of the maximum solid concentration), NiHCF is half-oxidized (starting
concentration is 50% of the maximum). From the starting liquid and solid concentrations
values, the initial equilibrium potentials at the interfaces Eeq for the LMO and the NiHCF
electrodes are evaluated. Their difference is the starting value of cell potential, ∆V .
The GCPL curves were calculated as follows: after 5 seconds in equilibrium condition
(Itot=0), a constant value of Itot is given, (1 mA, positive or negative), ∆V is calculated
over time, together with the Ci,k and ϕl along the cell thickness, and the sodium and
lithium concentrations in the solid. When ∆V reaches the potential extremes (∆V1 and
∆V2), the current is switched in direction. Then the charge passed in the system is
evaluated as a integral of the current over the time:
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Q =
∫
Itotdt (5.36)
The meshing of the subdomains have been divided so that the farther is the position
from the reaction region, the larger are the elements. This is due to the high precision
requested to calculate lithium concentration profile during the capture near the reaction
zone. A geometric sequence of the elements was used in all the sub-domains, distributed
so that the smallest elements are always near the boundaries.
The I and V sub-domains (cell reservoirs) and the III sub-domain (separator) are
divided in 50 elements, with an element ratio of 20. The element ratio is the ratio
between the largest and the smallest element in the sub-domain. The IV sub-domain
(NiHCF electrode) is divided into 200 elements with an element ratio of 50. The II sub-
domain (LMO electrode) is the densest one, with 500 elements and an element ratio of
100. In this region, the lithium capture occurs, therefore a very high precision is needed,
as the lithium concentration tends to 0. It may be necessary to further increase the
elements number and the element ratio, for the most diluted concentrations (1-2 mM)
and high convective fluxes.
5.2.6 Simulations parameters
The parameters used in the simulations are reported in Table 5.1. k0 and Ccdl values
used in the simulations are evaluated experimentally by Erinwmingbovo, whose work has
not been yet published. The evaluation was performed by means of dynamic impedance
measurements, a new technique used to investigate battery materials kinetic, developed
by La Mantia et al. [114]. fs value is evaluated from the mass loading of the active
material (5 mg/cm2). CT for the LMO is calculated from its weight density (4.1 g/cm
3)
and it corresponds to the ideal capacity of LMO (146.8 mAh/g). CT of NiHCF is instead
chosen arbitrarily 4 times larger than CT of LMO, so that the total charge of NiHCF is
larger than the one of LMO. Moreover a very large capacity of NiHCF allows to minimize
the change of potential of NiHCF due to (de)intercalation of Na+, so that the variation of
the total potential cell ∆V can be approximated to the variation of LMO potential. The
value of Na+ concentration is kept constant at 1 M for all the simulations. This value is
higher than the one used experimentally (100 mM), so that no diffusion effect due to lack
of Na+ in the NiHCF influences the total cell potential. E01,LMO, E
0
2,LMO and E
0
NiHCF
values have been chosen arbitrarily to get a cell potential similar to the experimental
one. The hydraulic resistance of the electrode Rh is defined for laminar flow as the ratio
between the pressure drop on the electrode and the flow rate:
Rh =
∆P
Γ
(5.37)
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Parameters Values
k0 4.7e-7 cm/s
Ccdl 0.47 µF/cm
2
fs 0.03
fl 0.5
fCC 0.47
CT,LMO 22.46 M
CT,NiHCF 91.44 M
E01,LMO 0.9 V
E02,LMO 0.75 V
E0NiHCF 0.35 V
µLMOe /F 0.05 V
µNiHCFe /F 0.1 V
Rh 0.3 mbar min/ml
T 298 K
DLi+ 1.03e-5 cm
2/s
DNa+ 1.33e-5 cm
2/s
DCl− 2.03e-5 cm
2/s
Table 5.1: Simulations parameters.
Group number k 1 2 3 4
Rp 2.4 nm 0.24 µm 9.4 µm 23.6 µm
fl,k 7e-4 0.8818 0.08 0.0375
Nk 2.3e9 2.9e8 16.2e3 1216
fs,k 0.05 0.15 0.8 0
fq,k 1.4e-10 1.75e-3 0.254 0.744
Table 5.2: Pores numbers, liquid fractions, solid fractions and flow rate fractions for the
various pore sizes.
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The value used in the simulation is extrapolated experimentally by pressures measure-
ment on the cell at various flow rates, as reported in Sect. 5.6. The value of the diffusion
coefficients are taken from the literature [65]. The potential extremes of the cycle ∆V1
and ∆V2 are chosen so that the mean overpotential is equal to 0.3 V for each investigated
concentration:
∆V1 = E¯eq,LMO − E¯eq,NiHCF + 0.3 (5.38)
∆V2 = E¯eq,LMO − E¯eq,NiHCF − 0.3 (5.39)
As the overpotential on NiHCF is small, the total overpotential can be considered
equal to the LMO overpotential. The difference between the potential extremes is 0.6 V,
like in the experiments.
All the parameters regarding the porous structure of the electrode, namely the pore
liquid and solid fractions (fl,k and fs,k) as well as the radius of the pores (Rp,k) have
been assumed to simulate the experimental results. The chosen porous distribution is
made by four pore sizes. This leads to 12 free parameters of the porous structure (4 radii
of the pores, 4 solid fractions and 4 liquid fractions). The pore group of biggest size is
assumed to be electrochemical inactive (fs=0). These pores represent the holes of the
carbon cloth, which are not filled by the active material.
The follow procedure has been used to get the other parameters. Their values have
been initially hypothesized to simulate the GCPL curves in 40 mM of LiCl (Fig. 5.2
(a)) at 0 and 0.1 ml/min. If the charges predicted by the model for these two cases is
similar to the experimental ones, the same parameters are used to simulate the Qf/Qr
curve vs. Mf for 10 mM LiCl, eventually adjusting their values to adapt the curve
shape to the experimental one. After that, the Qf/Qr curve at 1 mM LiCl is simulated,
modifying again the parameters if necessary, to get Qf/Qr values as close as possible
to the experimental ones. The procedure is then repeated from the beginning, until the
parameters give results as much similar as possible to the experiments.
Once fixed fl,k and Rp,k values, the number of pores for each group Nk are fixed by
Eq. 5.5, as well as flow rates passing for each channel group (Γk). The tested parameters
have been always chosen so that
∑
k fs,k = 1,
∑
k fl,k = 1 and the total flow rate is equal
to the experimental one, condition expressed by Eq. 5.8.
The final chosen parameters are reported in Table 5.2. The radius of the active pores
are 9.4 µm, 0.24 µm and 2.4 nm. Most of the active material is assembled to form
macropores with 9.4 µm radius (fs,3=0.8). Smaller pores are made of less material. The
flow rates passing for each channel group are reported in Table 5.2 as a fraction of the total
flow rate (fq,k). The nanopores with Rp=2.4 nm have almost 0 flow. The micropores of
0.24 µm radius are crossed by circa 0.175 % of the flow. The 25 % of the flow crosses the
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Figure 5.11: Simulated GCPL curves in 40 mM LiCL and 1 M NaCl solution, at 0 and
0.1 ml/min.
macropores of 9.4 µm radius. The main amount of flow passes by the inactive macropores
of 23.6 µm radius (75 %).
5.2.7 Analysis of the results
Simulations of GCPL measurements at the same conditions of experiments shown in
Fig. 5.2 (a) (40 mM of LiCl, at 0 and 0.1 ml/min) are reported in Fig. 5.11.
Qf at 0 and 0.1 ml/min flow rates are fairly close to the experimental curves of
Fig. 5.2 (a). The error on Qf value at 0.1 ml/min is around 20%, which is considered
acceptable. The shape of the curves are also similar. The curve at 0.1 ml/min presents
the characteristic shape of the LMO potential profile.
In Fig. 5.12 (a) the cell potential is reported vs. the charges accumulated in each pore
group participating to the capture (Rp1=2.4 nm, Rp2=0.24 µm and Rp3=9.4 µm). The
pores of 23.6 µ radius representing the holes of the carbon cloth do not participate to the
reaction, as they are electrochemically inactive (I4=0). The charge is evaluated from the
integral over time of the current passing for each pore group:
Qk = 2πNp,kRp,k
∫ ∫ Le
0
Ikdxdt (5.40)
As expected, the main charge amount is stored in the macropores, as they are formed by
the highest amount of active material and they are crossed by the highest flow rate. In
panel (b) of Fig. 5.12, the filled solid fraction of each pore group,Mp, is reported, evaluated
as the accumulated charge in each pore group divided by the respective maximum charge:
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Figure 5.12: Accumulated charge (a) and filled solid fraction (b) vs. cell potential for
each pore group in 40 mM LiCL and 1 M NaCl solution, at 0.1 ml/min.
Mp,k =
Qk
FCT,LMOVsfs,k
(5.41)
In 40 mM LiCl, the pore groups of 0.24 and 9.4 µm radii are filled completely (Mp ≈
1). For the pores of 2.4 nm radius, Mp is instead almost 0: the nanopores do not charge.
They are composed by 5% of total solid never participating to the capture.
Simulations at 1, 2, 5 and 10 mM LiCl, with 1 M NaCl are carried out, with the same
Mf range used experimentally. The GCPL curves are reported in Fig. 5.13, in panel
(a), (b), (c) and (d) for 1, 2, 5 and 10 mM respectively. The reduction branches of the
curves at various flow rates are different, while the oxidation branches match with each
other. Qf values increase with the flow rate until a maximum value, different for each
concentration, as occurs experimentally. This confirms that the model predicts the mass
transport overpotential effect occurring during the reduction and the positive effect of the
flow rate.
Nevertheless, the difference in the maximum reduction charge between the various
concentrations are smaller than in the experimental curves of Fig. 5.4. This is clearly
visible in the Qf/Qr vs. Mf curves reported in Fig. 5.14, extrapolated from the simulated
GCPL curves for all Li+ concentrations (a) and reported again from experimental curves
(b). Qr used for the simulated curves is equal to 136 mAh/g, which is the maximum
charge obtained in 40 mM of LiCl at 0.1 ml/min (Fig. 5.11). For Mf < 1 µmol/min the
two curves shows good similarity for all concentrations, showing an increase of Qf/Qr
with Mf less then linear. As mentioned before, in this region the critical value is the
amount of lithium pumped into the cell (0-1 µmol/min), which is comparable with the
capturing rate (1 mA that corresponds to 0.6 µmol/min). At Mf > 1 µmol/min, the
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Figure 5.13: Simulated galvanostatic curves vs. total cell potential for 1, 2, 5 and 10 mM
LiCl and 1 M NaCl at various molar flow rates. The values of Mf used are equal to the
experimental values and they are reported in the legend in µmol/min.
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Figure 5.14: Qf/Qr vs. Mf extracted from the simulated galvanostatic curves (panel (a))
and from the experimental curves (panel (b)) at 1, 2, 5 and 10 mM of LiCl.
10 mM LiCl curve matches fairly well with the experimental one. The saturation flow
rate in both cases occurs at circa 3 µmol/min and the maximum Qf/Qr value is 0.9. At
5 mM, the two curves are still fairly similar, although their difference in Qf/Qr values
is larger than the one of the curves at 10 mM. On the contrary, at 1 and 2 mM of LiCl,
Qf/Qr values extrapolated from the model is much higher than the experimental values.
This difference will be discussed later, now the attention will be focused on the simulation
results.
The shape of the GCPL curves of Fig. 5.13 can be better commented, looking to the
normalized charge for each channel group (Mp,k). The discussion is restricted for the
extreme cases, namely for the curves at 1 mM and 10 mM of LiCl. Fig. 5.15 shows Mp
obtained at 1 and 10 mM LiCl, for the pores of 2.4 nm radius (panels (a) and (b)), of
0.24 µm (panels (c) and (d)) and of 9.4 µm (panels (e) and (f)).
In both solutions, the charge in the macropores mainly contributes to the total charge.
Mp,3 ≈ 0.8 and 0.9 at high fluxes, namely the volume of macropores is almost totally
filled. That leads to the two characteristic plateaus of LMO in the total charge curves
of Fig. 5.13, deformed by the overpotential, as the flow rate decreases. The two plateaus
were observed also in the experimental curves and they were explained admitting the
existence of a part of active material not limited by diffusion, but filled almost completely
by lithium. Generally, this material belongs to the pores that are large enough to be
abundantly crossed by the convective flow. According to the model, these are macropores
and their size distribution is represented by the pores of 9.4 µm radius.
The nanopores (2.4 nm) almost does not contribute to the charge. In both concentra-
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Figure 5.15: Fraction of filled solid Mp at 1 mM and 10 mM LiCl and 1 M NaCl
for Rp=2.4 nm (panel (a) and (b) respectively), Rp=0.24 µm (panel (c) and (d)) and
Rp=9.4 µm (panel (e) and (f)).
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tions, Mp,1 saturation value is lower than 2%.
The 0.24 µm pores (Fig. 5.15 panel (c) and (d)) have the highest difference in filling at
the two concentrations and the effect of flow rate is significant, especially in 10 mM LiCl.
Indeed in this case, Mp,3 increases from 0.1 to 0.53 (panel (d)). In 1 mM LiCl solution,
the flow effect in these pores is less significant and Mp,3 goes from 0.02 to 0.13 (panel
(c)). This pore group represents the part of active material that becomes more “active”
as the flow rate increases, and whose filling changes appreciably with the concentration.
A deeper analysis of the results can be carried out looking to the concentration profiles
of Li+ along the cell length. They were reported for 1 and 10 mM of LiCl solutions
and each pore size, at two values of Mf , 2 and 10 µmol/min (Fig. 5.16 and Fig. 5.17
respectively). Each concentration profile reported is extrapolated at a specific potential
of the reduction curve. The selected potentials at each size pore are the same for both
concentrations, differing only for a Nerstian potential (RTF log(10)), to exclude the shifting
of potential due to thermodynamic effect of concentration. The change of concentration
profile with the potential corresponds to the change with time. As the cell potential
decreases (namely the reduction of LMO takes place), the capture goes on and lithium
concentration in liquid decreases.
Fig. 5.16 shows the concentration profiles at 2 µmol/min in 2.4 nm, 0.24 µm and
9.4 µm radii pores, in 1 mM (panel (a), (c) and (e) respectively) and 10 mM (panel (b),
(d) and (f)). These profiles correspond to the green GCPL curves in Fig. 5.13 (a) and
(d).
As reported in the literature regarding packed bed columns [115], the reactant con-
centration varies along the length of the reaction region. In the presented case this area
corresponds to the LMO electrode, whose position is the interval 3-3.4 mm of the total
cell length. A magnification around this length is reported in each graph.
The typical concentration profile is the so-called “breakthrough” curve, which has a
S-shape. Generally, it is characterized by a “breakthrough” point, that is achieved when
the reactant concentration reaches 5% of the initial value due to the consuming reaction,
and by an “exhaustion” point, where the concentration tends to the bulk value. Between
this two values, there is usually an inflection point, in correspondence of a change in the
mass transfer mechanism [112].
In this case, in 2.4 nm and 0.24 µm radii pores (Fig. 5.16, panel (a), (b), (c) and (d)),
due to the presence of the reservoirs, the profiles show two symmetric inflection points
near the electrode boundaries. As the reaction starts, lithium concentration begins to
deplete very fast with potential, forming a concavity in correspondence of the electrode.
In this region, the convective flux is not strong enough to supply the reaction and the
concentration goes down to the “breakthrough” point. The transport of lithium towards
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Figure 5.16: Concentration profiles at 2 µmol/min at 1 and 10 mM LiCl in the pores of
radii 2.4 nm (a and b), 0.24 µm (c and d) and 9.4 µm (e and f).
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Figure 5.17: Concentration profiles at 10 µmol/min at 1 and 10 mM LiCl in the pores of
radii 2.4 nm (a and b), 0.24 µm (c and d) and 9.4 µm (e and f).
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the LMO electrode occurs through diffusion from upstream and downstream. The two
inflection points are between the non-reactive zone (where the concentration is equal to
the feed concentration) and the LMO electrode, where the concentration tends fast to
zero.
It can be noted that the inflection points are steeper for 1 mM than for 10 mM. The
profiles are broader in 10 mM LiCl, especially at the lower potentials: the delithiation at
10 mM occurs in a larger cell length. This is due to the different volumes treated in the
two cases. Indeed, although the lithium mass flow is the same for both concentrations, the
volumetric flows are very different (10 times higher for 1 mM LiCl). Since the capturing
rate is the same (1 mA), in 10 mM LiCl the brine delithiation rate is higher, due to the
smaller flowing volume.
In the pores of 9.4 µm radius (panel (e) and (f)), the upstream concentration (for
cell length lower than 3 mm) keeps constant thanks to the high electrolyte flux. In
correspondence of the electrode, the concentration suddenly decreases, hereafter there is
a sudden change of slope and concavity, due to the presence of a lithium diffusive flow
from downstream. The reached minimum concentration in proximity of the electrode
reduces increasingly as the reaction goes on, until the curve is completely flattened at the
value of 0 at the lowest potential. The profiles change with potential more abruptly at
10 mM, than in 1 mM. In the latter indeed, only the curve at the lowest potential reaches
0 mM, the other curves gradually move towards it. Instead at 10 mM LiCl after the steep
change near to the left boundary of the electrode, almost all curves are near or equal to
0 mM. This is again an effect of the different volumetric flow rates.
Interesting to notice is that, along LMO electrode, in biggest pores, the concentration
profiles have a linear decrease, that gradually becomes exponential, as the reaction goes
on. This behavior was mentioned in the description of the PFR reactor in Sect. 2.4, and
it is due to the progressive increase of the mass transport overpotential upon time.
In the nano and micropores, the main lithium depletion occurs fast at high potentials,
0.425-0.35 V (for 1 mM) and 0.482-0.407 V (for 10 mM), while in the macropores the
concentration is still high enough to supply the reaction at the same potential range
(Fig. 5.16, panel (e) and (f), blue curve). At lower potential values, in the smallest pores,
the concentration does not change further, while in the pores of 9.4 µm radius, it starts
to deplete, until it does not reach the value of 0. Only at these point, the lowest potential
is reached and the capturing process is interrupted. In the pores of 2.4 nm and 0.24 µm
radii, the current is so small that the lithium capture is compensated by the convective
flux, so that the concentration profile keeps constant after a rapid initial change. In
the biggest pores instead, where the main capture occurs, the concentration continues to
decrease until the end of the reaction.
At this flow rate, the difference in captured lithium between the two concentrations is
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not very high. Although at 10 mM the captured lithium is slightly higher than at 1 mM,
this difference is not evident in the profile concentration, where the diffusion effects seems
to be strongly present in all the pores (in various intensity), even at 10 mM. Generally it
can be said that at low flow rates lithium flux in the cell is not enough to compensate the
diffusion effects for both concentrations even in the macropores, where the concentration
tends quite fast at 0. This behavior explains the low capturing efficiencies obtained
experimentally at low flow rates, for Mf ≤ 2 µmol/min (Fig. 5.14 (b)).
The situation is different at 10 µmol/min. In this case, as expected from Fig 5.14 (a),
the amount of captured lithium is different for the two concentrations.
In the macropores (Fig. 5.17, panel (e) and (f)), the concentration profiles are similar
in both solutions. They have a linear decrease on the LMO electrode and they keep
constant in the downstream reservoir at a value near to the bulk concentration. Hence
the current is far from the limiting diffusion value. This is in line with the Mp curves of
Fig. 5.15 (panel (e) and (f), amaranth curve), that shows an high filling of macropores at
10 µmol/min in both solutions (Mp,3=0.8-0.9).
Therefore, the capturing process this time is not limited by lack of lithium in the big
pores and it can proceed longer. The higher capturing time and the larger flow rate allow
a further filling also in the micropores, where the amount of captured lithium is increased
respect to low flow rates.
In the micropores of 0.24 µm radius, the accumulated charge at 10 µmol/min differs
substantially for the two concentrations (Mp,2=0.13 at 1 mM and 0.53 at 10 mM). This
difference can be appreciated also from the concentration profiles (Fig. 5.17, panel (c) and
(d)). At initial potentials, the concentration profiles form the concavity near the electrode,
like seen previously at low flow rate. This time, at 1 mM, as the capture proceeds, the
slope of the breakthrough curve downstream decreases slowly, until it flattens at 0 mM. On
the contrary, at 10 mM, even at the lowest potential, the curve is not flattened: enough
lithium is transported towards the LMO electrode from downstream and upstream to
supply the reaction. This explains the difference in Mp,2 at 10 µmol/min in Fig. 5.15
(panel (c) and (d), amaranth curve).
In the nanopores (Fig. 5.17 panel (a) and (b)) the profile shapes are quite similar for
both concentrations, with the difference that at 10 mM the curves almost overlap at low
potentials, while at 1 mM the change is more gradual, like already discussed before.
Concluding, according to the results, the highest difference in filling between the
two concentrations at the saturation is given by the micropores of 0.24 µm radius, that
corresponds to charge difference of 9 mAh/g. The difference in Qf/Qr between 1 and
10 mM LiCl shown in Fig. 5.14 (a) (which correspond to ≈ 22 mAh/g) is given by
both pores of 0.24 and 9.4 µm radii. Although the difference in filling between the two
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concentrations in the macropores is only 0.1, it leads to a difference in charge of 12 mAh/g,
as they are made by the highest fraction of solid.
The difference in Qf/Qr values between 1 and 10 mM predicted by the model is
circa 0.2 at the saturation, much lower than the difference predicted by the experiments
(0.7). Results of simulations with other porous distributions (at various fl,k and Rp,k) are
reported in the following paragraph, where it will be shown that, by using a distribution
richer of nano or micropores, the difference does not enlarge. This discrepancy between
model and experiments can be attributed to the electrode porous structure. Indeed, in
the model, the electrode is assumed to be a solid plate, perforated by straight channels
representing the pores. In this way the active solid is assumed to be well compact and
homogeneous. The SEM images of Fig. 5.6 show the real electrode structure, very different
from the perforated plate assumed in the model. The active particles are randomly spread
on the substrate and the carbon cloth fibers are not properly filled by the material. The
active pores are far from being well defined and evenly distributed.
Despite this difference, the model simulates fairly well the trend of Qf/Qr with Mf
at 10 mM, but it predicts much higher capture efficiencies than the experiments at con-
centrations lower than 5 mM. This suggests that the performances at low concentrations
can be improved with a more homogeneous and compact electrode, which resembles more
to the ideal one assumed in the simulations.
Moreover, according to the model, the Qf/Qr curve shape does not change with the
concentration. The curves at various concentrations can be rescaled in the y-axis to
be almost identical and the saturation charges are reached at the same Ms for all the
concentrations. This is different from the experimental curves, where Ms for the various
concentrations are similar but not exactly equal. This difference can be attributed again to
diffusion effects not included in the model, due to the non-ideal structure of the electrode.
5.2.8 Effect of porous structure parameters
Until now the results shown in this Section have been obtained using the pore sizes and
the porous distribution reported in Table 5.1. These parameters, among all those tested,
give the results that get closer to the experimental curves. In order to give an overview of
the effect of porous distribution on the capturing process according to the model, in this
paragraph some of the results obtained with others porous distributions are shown. It is
worth to mention that changing the pore distribution experimentally may lead to a change
in the pressure drop across the electrode, because the porous distribution influences the
hydraulic resistance of the electrode. However, in this paragraph the results at various
porous distribution are discussed at constant ∆P. Variation in Rh value will be taken into
account in Sect 5.3.
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k 1 2 3 4
Rp 2.4 nm 0.24 µm 4.7 µm 23.6 µm
fl,k 7e-4 0.8 0.1559 0.044
Fig. 5.18 (a) Nk 2.3e9 2.6e8 12.6e4 1429
fq,k 1.38e-10 1.6e-3 0.124 0.875
fl,k 7e-4 0.624 0.34 0.0367
Fig. 5.18 (b) Nk 2.3e9 2e8 27.5e4 1191
fq,k 1.38e-10 1.24e-3 0.27 0.729
Table 5.3: Pores numbers, liquid fractions and flow rate fractions used, for the results
reported in Fig. 5.18.
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Figure 5.18: Qf/Qr vs. Mf calculated with parameters in Table 5.3.
Qf/Qr vs. Mf curves at 1 mA at the lowest and highest investigated concentrations
(1 and 10 mM) are reported. Firstly, the results obtained by changing the pore distribu-
tion (fl,k and Rp,k) are reported, keeping constant the solid distribution. All the other
parameters used in the previous simulations are the same.
In general, Rp,k and fl,k must be changed always respecting the condition of Eq. 5.8,
which fix the total flow rate equal to the experimental one. Moreover, fl,k values must
always satisfy the equality
∑
fl,k = 1. The pores with higher Rp,k (k=3,4) are crossed
by most of the flow, so the equality of Eq. 5.8 mostly depends on their parameters.
In Fig. 5.18 (a) and (b) Qf/Qr vs. Mf curves are obtained with parameters reported
in Table 5.3. For both cases Rp,3 is half of the value used in previous simulations (4.7
µm). By decreasing Rp,3, the flow rate in the pores decreases as well (Γk ∝ fl,kR2p,k),
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k 1 2 3 4
Rp 2.4 nm 0.24 µm 9.4 µm 23.6 µm
fl,k 7e-4 0.9 0.06 0.0408
Fig. 5.19 (a) Nk 2.3e9 2.9e8 12e5 1324
fq,k 1.4e-10 1.8e-3 0.188 0.81
fl,k 7e-4 0.739 0.25 0.0103
Fig. 5.19 (b) Nk 2.3e9 2.4e8 50.7e3 333
fq,k 1.3e-10 1.47e-3 0.795 0.204
Table 5.4: Pores numbers, liquid fractions and flow rate fractions used, for the results
reported in Fig. 5.19.
globally decreasing the total flow rate. Therefore fl,k values must be adjusted arbitrarily,
so that Eq. 5.8 is satisfied.
The results reported in Fig. 5.18 (a) are evaluated with a fl,3 value chosen so that fq,3
is the 12.4% of the total (circa half of the previous one, which was 25%, as indicated in
Table 5.2), and increasing the flow rate in the inactive pores fq,4 up to 87.5%, respect to
the previous value (74%). fl,1 and fl,2 values are approximately the same. Conversely,
the curves in Fig. 5.18 (b) are calculated at higher fq,3 (27%), while the flow rate in the
inactive pores is reduced (73%). The two curves have a different shape with respect to
results of previous paragraph. The curves of panel (a) reach the Qf/Qr saturation values
at higher flow rate (5 µmol/min). This occurs because the fraction of flow rate (fq,3) and
the velocity (vm,3) in the macropores are reduced, so the flow rate of reactant necessary to
reach the maximum efficiency is higher. In panel (b), the situation is opposite, as fq,3 is
larger, and saturation flow rate is lower (2.5 µmol/min). In both cases, curve at 1 mM is
closer to the curve at 10 mM. Although Rp,3 is lower, therefore a larger difference between
1 and 10 mM curves was expected due to diffusion effects, both fl,3 and Np,3 values are
higher than in previous results, thus increasing the exchange area of the macropores As,3
( = 2πRp,kLpNk ∝ fl,k/Rp,k), decreasing the local current (and consequently the over-
potentials) and influencing positively the efficiencies also at low concentration. Summing
up, according to the model, the trend of Qf/Qr with Mf depends mostly on the liquid
and flow rates fractions in the macropores (active and inactive), as they are crossed by
most of the electrolyte. Increasing the macropores exchange area, by enlarging the ratio
fl,3/Rp,3, improves the efficiency at low concentrations and at high flow rates.
Changing Rp,k or fl,k of the small pores (k=1,2) while keeping constant the other
parameters, does not lead to differences in the results. Particularly, two tests were carried
out, the first at lower Rp,2 (10 and 50 times), the second at higher fl,1 (up to 0.5)
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Figure 5.19: Qf/Qr vs. Mf calculated with parameters in Table 5.4.
by adjusting fl,2 (0.3825). The total flow rate keeps almost equal, since it is barely
influenced by the nanopores parameters. In both cases Qf/Qr curves are fairly the
same of Fig. 5.14. Therefore increasing the quantity of nanopores, keeping constant the
number of the macropores, has neither positive nor negative effect on the efficiency. They
are crossed by too small flow rate and contain too low active material amount respect to
macropores for playing a difference during the capturing.
Fig. 5.19 (a) shows the curve at higher fl,2 and lower fl,3 (Table 5.4). They show a
higher saturation flow rate, due to the reduction of ql,3 (18.8%). Qf/Qr curve at 1 mM
LiCl is lower than the one of Fig. 5.18 (a), which was obtained at similar ql,3, so it has
similar saturation flow rate, but ten times higher Np,3.
Finally, the curves of Fig. 5.19 (b) are obtained at higher fl,3 and lower fl,4 (Table 5.4).
which leads to higher fq,3 (80%), and lower fq,4 (20%). For flow rates other than 0, the
efficiencies for both concentrations are almost the maximum, due to the reduction of the
inactive macropores.
In order to complete the investigation of the effect of porous distribution, the change
of distribution of solid is performed, keeping fl,k and Rp,k constant. Values of fs,k used
are 5%, 42.5%, 42.5% and 5%, 80% , 15% for fs,1, fs,2 and fs,3 respectively. Results are
shown in Fig. 5.20. Decreasing the active solid on the macropores and increasing it in the
micropores bring a decrease of the efficiency for both concentrations, while the difference
between the two curves keeps approximately the same. Qf/Qr is always calculated with
respect to the total charge obtained in 40 mM LiCl. This charge decreases as well for
both distributions (79 and 44 mAh/g respectively, respect to the previous 136 mAh/g).
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Figure 5.20: Qf/Qr vs. Mf at various solid distributions: 5%, 42.5%, 42.5% (panel (a))
and 5%, 80% , 15% (panel (b)) for fs,1, fs,2 and fs,3 respectively.
According to the model, lowering the amount of solid of the biggest pores leads to a
decrease of efficiency for all concentrations and flow rates.
Concluding, in this paragraph an overview of the effect of the electrode porous distri-
bution on the capture efficiency has been shown.
The Qf/Qr trend with the flow rate depends mainly on the amount of the macropores
(active or inactive), that are crossed by the highest amount of electrolyte. Saturation flow
rate is higher by decreasing the flow rate in the active macropores. A high amount of
nano- and micropores does not worsen the capture efficiency, if the macropores number
is constant. Values of efficiencies are positively influenced by the increase of macropores
exchange area As,3. Changes in solid distribution does not influence the concentration
effect on the solid filling. The best solid distribution to get high efficiencies involves the
highest amount of solid in the macropores.
5.2.9 Conclusion
In this Section, a mathematical model that describes the behavior of the flow-through
electrodes cell was developed. An arbitrary pore distribution was used to simulate the
effect of lithium concentration and flow rate on the capturing process.
Despite the simplicity of the model, the flow rate effect on the solid filling is well
reproduced. As occurs experimentally, the active material does not totally participate to
the reaction. This behavior is due to the diffusion effects along the electrode thickness,
that are not balanced by the convective flow and that prevent the total filling of the
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active material. The effect of the concentration on the maximum filling is well predicted
for values of concentration ≥ 5 mM. At 1 mM and 2 mM, the maximum filling in the
simulations is much higher than in the experiments. This is attributed to the ideal
structure assumed in the model that does not fully represent the real structure of the
porous electrode.
The analysis of the model results has revealed that the pore distribution has an in-
fluence on the solid filling and on the saturation flow rate. A pore distribution rich of
active macropores leads to high capture efficiencies and low saturation flow rates. For
this reason the pore size and the pore distribution should be experimentally controlled,
together with the solid distribution of the active material on the substrate.
These results have been a hint for further investigations in order to improve the capture
efficiency of the process. A first tentative is carried out trying to get a more compact
active solid layer on the substrate, more similar to the ideal structure of the model. This
is performed increasing the mass loading on the LMO electrode, as reported in the next
Section.
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5.3 Effect of mass loading
In this Section the effect of mass loading of the active material on LMO electrode is
discussed.
The higher capture efficiencies predicted by the model at low concentrations suggest
the possibility to improve the process performance by using an electrode structure more
similar to the one assumed in the model. One of the hypothesis made in the model is
the presence of 9.4 µm radius pores formed by the 80% of active material. According to
the model results, lithium is mostly captured by these pores at all the concentrations.
The effect of these pores translates in the real system into a solid active part that forms
a distribution of macropores abundantly crossed by the flux. Hence a more compact
structure with big active channels, more similar to the ideal one, can improve the cell
performances at low concentration.
In order to improve the solid distribution, the electrodes are loaded 3 times more with
LMO slurry, painting 14 mg/cm2 of active material, instead of 5 mg/cm2. The experi-
ments are repeated 3 times with 3 different electrodes, at the same brine concentrations
(1, 2, 5 and 10 mM of LiCl and 100 mM NaCl) and current (1 mA), using two short-
circuited NiHCF electrodes with 35 mg/cm2 active material as a counter, to balance the
charge of LMO.
The SEM image of the higher mass loading electrode is shown in Fig. 5.21. The
structure is very different from the lower mass loaded electrode (Fig. 5.6). The active
material forms a compact and solid layer, filling more the carbon cloth fibers and leading
to a structure more similar to the one hypothesized in the model.
In Fig. 5.22, GCPL curves obtained at high flow (10 µmol/min) with 5 mg/cm2 (panel
(a)) and 14 mg/cm2 (panel (b)) mass loaded electrodes are reported. Qf/Qr increases
with the mass loading at all the concentrations. This positive effect of the mass loading is
higher at low concentration (1-2 mM) and it becomes negligible at higher concentrations.
Moreover, the two inflection points in the potential profile of LMO material at high mass
loading are more visible at 1 and 2 mM, indicating that the totally filled solid part is
larger.
In Fig. 5.23, Qf/Qr vs. Mf (panel (a)) and the mean overpotential η¯ vs. Mf (panel
(b)) are reported for all the investigated concentrations. The shape of the curves is equal
to the one obtained at lower mass loading, with a linear increase ending with a saturation.
The curve at 10 mM of LiCl is not much different from the one at lower mass loading,
namely at this concentration the structure of the electrode does not influence considerably
the efficiency. By decreasing the concentration, the improvement of the capture efficiency
becomes relevant. Qf/Qr saturation values passes from 0.2 to 0.7 for 1 mM, from 0.4 to
0.8 at 2 mM, from 0.75 to 0.9 at 5 mM and from 0.9 to 1 at 10 mM. The same discussion
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Figure 5.21: SEM image of the LMO electrode loaded at 14 mg/cm2 of active material.
Dr. Jenz Glenneberg of IFAM institute is greatly acknowledged for having provided these
images.
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Figure 5.22: Galvanostatic charge at various concentrations and Mf=10 µmol/min, for
low mass loading (panel (a)) and high mass loading (panel (b)).
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Figure 5.23: Panel (a): maximum solid filling of LiMn2O4; panel (b): mean overpotential
obtained with the high mass loaded electrode; both quantities are reported vs. the molar
flow rate of the electrolyte at various concentrations of LiCl.
is valid for η¯, that is shifted to lower values at 1 and 2 mM with respect to the lower mass
loaded electrode (see Fig. 5.5 panel (b)).
The value of Ms extracted through the exponential function from Fig. 5.23 (a) are
equal to 18.3, 12.5, 6.6 and 6.4 µmol/min at 1, 2, 5 and 10 mM respectively. The Ms
values are double than Ms values evaluated at lower mass loading for all concentrations.
According to the model (Sect. 5.2.8), an increase of the saturation flow rate is due to
a shifting of the porous distribution towards smaller pore sizes, which it translates into
a decrease of the flow rate across the active macropores. This change in the structure
is attributed to the increase in mass loading. Indeed, on one side the carbon cloth is
better filled of the active material, namely there are more active pores and less inactive
macropores with respect to the low mass loaded structure. This increases the efficiency
at low concentrations. On the other side, the increase in mass loading leads to a more
compact active material layer, that is made by narrower channel. This causes a decrease
of velocity inside the porous matrix and a consequent increase of the saturation flow rate.
This can be explained also by means of the Darcy law, which expresses the mean
velocity in a porous medium through its permeability KΓ:
v¯ =
KΓ
µ
∆P
L
(5.42)
KΓ is a characteristic of the medium type. Generally, it increases with the medium
porosity and with the pore size [116, 117]. By increasing the mass loading, the porosity
decreaseas, as well as the average porous distribution size, leading to lower permeability
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Group number k 1 2 3 4
Rp 2.4 nm 0.24 µm 4.2 µm 23.6 µm
fl,k 0.0307 0.9 0.06 0.0093
Nk 8.8e10 2.6e8 5.4e4 268
fs,k 0.05 0.15 0.8 0
fq,k 2.7e-8 0.008 0.17 0.822
Table 5.5: Pores numbers, liquid fractions, solid fractions and flow rate fractions for
various pores sizes assumed for the high mass loaded electrode.
and lower mean velocity. By rewriting the hydraulic resistance by means of the Darcy
law, expressing the flow rate Γ as v¯Aefl, one obtains:
Rh =
µL
AeflKΓ
(5.43)
The decrease of KΓ and of the porosity fl leads to higher hydraulic resistance. This
is confirmed by pressure measurements performed on the high mass loaded electrode,
reported in Sect. 5.6. Rh value for 14 mg/cm
2 mass loaded electrode is 5 times higher
than the one of the 5 mg/cm2 mass loaded electrode.
Simulations at the various concentrations and molar flow rates were repeated modify-
ing opportunely the parameters for the high mass loaded electrode. The solid fraction fs
calculated from the new mass loading (14 mg/cm2) is 0.085, and the electrode porosity
fl is decreased down to 0.445. The value of Rh used in the simulations was extrapo-
lated experimentally (1.5 mbar min/ml, as reported in Sect. 5.6). The pore distribution
parameters are reported in Table 5.5.
A pore distribution richer of smaller pores with respect to the distribution of the lower
mass loaded electrode was hypothesized. Rp,1 and Rp,2 were kept constant, while Rp,3
was decreased ≈ 2.2 times. fl,2 was increased from 0.8818 to 0.9 and fl,3 is reduced from
0.08 down to 0.06.
The increase of ∆P that occurs experimentally is mainly due to the decrease in the
number of inactive large pores, due to the higher filling of the substrate. fl,4 was therefore
reduced, adjusted to satisfy Eq. 5.8.
The curves Qf/Qr vs. Mf for the four concentrations are reported in Fig. 5.24. By
comparing these curves with the ones obtained with parameters of the lower mass loaded
electrode (Fig. 5.14 (a)), the increase of the saturation flow rate can be noted. This
confirms that the model describes the effect of the permeability reduction of the higher
mass loaded electrode, by using a pore distribution richer of smaller pores.
The shape of the curve at 10 mM LiCl describes approximately the experimental curve
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Figure 5.24: Qf/Qr vs. Mf extracted from the simulated galvanostatic curves at 1,2,5
and 10 mM of LiCl for the 14 mg/cm2 loaded electrode.
reported in Fig. 5.23. Both curves arrives to the total maximum charge (Qf/Qr ≈ 1) and
the saturation flow rate is circa 6 µmols/min. At the other concentrations the simulated
curves have the same trend. The lowering of Qf/Qr values at lower concentration is
reduced with respect to the one simulated for the low mass loaded electrode (Fig. 5.14
(a)). This is caused by the increment of ∆P, which leads to higher velocity in the 2.4
nm and 0.24 µm pores, and by the increase of the exchange area As,3 ∝ fl,3/Rp,3, which
decreases the overpotentials.
The model and the experimental results for high mass loaded electrode (Fig. 5.24
and Fig. 5.23 (a) respectively) have some discrepancies. Firstly, the capture efficiencies
predicted by the model at concentrations lower than 5 mM are higher than the exper-
imental ones; secondly, the variation of Ms with the concentration is not predicted by
the model. These differences may be due to diffusive effects not included in the model.
Indeed, only the diffusion effects occurring along the thickness of the electrode are in-
cluded. In the real situation, lithium transport along other directions may count, such
as radial or inter-porous transport. The error in the efficiencies at high flow rates for the
lowest concentration (1 mM) is ≈ 20%, which can be considered acceptable for a rough
estimation of the capture efficiency.
Summarizing, it was demonstrated experimentally that capturing with a higher mass
loaded electrode leads to a large improvement of the capture efficiency at low concentra-
tions. This is attributed to a more compact structure with a better porous distribution.
The active material fills more the inactive macropores of the carbon cloth, leading to a
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more compact distribution, richer of active pores. The higher mass loading on the elec-
trode improves the transport of lithium along the pores, meanwhile leading to an increase
of pressure drop.
Beside, it was shown that the mathematical model qualitatively describes the experi-
mental results obtained with the higher mass loaded electrode, by modifying opportunely
the pressure on the electrode and the porous distribution parameters.
The use of an high mass loaded electrode has another important advantage, namely
it allows to capture a larger amount of lithium per cycle. This translates not only into a
higher lithium concentration in the recovery solution, but also into a higher reduction of
the lithium concentration in solution during the capture.
Until now, the aim of the experiments was to investigate the limit of capture given
by the solid filling. The experiments were therefore performed at almost constant inlet
brine concentration, namely the volume pumped during the capture contains an amount
of lithium much higher than the quantity that the electrode can ideally contain.
In an industrial application of the reactor, given the same amount of captured lithium,
pumping continuously fresh brine to the reactor has much higher costs of pre-treatment
and hydraulic energy than depleting completely a certain volume of brine. On these
grounds, once known the efficiency limit on the solid filling, it is interesting to investigate
also on the yield of the process, defined as the lithium concentration reduction in solution
during the capturing step. In the next paragraph this investigation is carried out at
various applied currents.
5.4 Effect of current
Once found the conditions for the optimal solid filling, the investigation of process yield is
carried out at various currents. It has been already proved that by decreasing the applied
current, the process efficiency increases [6], due to the overpotential reduction.
The experiments have been performed using a 14 mg/cm2 mass loaded electrode at
1 mM LiCl and 100 mM NaCl, pumping 40 ml of solution into the cell during the reaction.
GCPL measurements have been carried out at 1, 0.5 and 0.2 mA in the flow rate range
0-20 µmol/min. Fig. 5.25 shows the galvanostatic curves at each investigated current, at
low flow rate (2.1 µmol/min, panel (a)) and at a high flow rate (21.2 µmol/min, panel
(b)). At higher flow rate, the reduction charge is larger than at lower flow rate, due to
the higher flux. As expected, the positive effect of the flow rate is larger at 1 mA, while
it is almost negligible at 0.2 mA. Indeed, the lower is the current, the lower is the mass
transport overpotential.
The current effect becomes clearer representing Qf/Qr and η¯ vs. Mf (Figs. 5.26 and
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Figure 5.25: Galvanostatic curves at 0.2, 0.5, 1 mA at low molar flow rate (2.1 µmol/min,
(a)) and at high flow rate (21.2 µmol/min, (b)).
5.27 respectively). The curves follow the well-known trend: Qf/Qr increases linearly and
then it reaches a saturation value, η¯ follows the opposite trend.
At Mf=1 µmol/min, Qf/Qr is very different for the three currents. This can be
explained considering the capturing rates in each case. At 1 mA, 0.5 mA and 0.2 mA, the
rates of lithium capturing are 0.62, 0.31 and 0.12 µmol/min respectively. Hence while at 1
mA the flowing-through lithium ions amount is just enough to compensate the capturing
rate, at the lowest current Mf is much larger than the rate of capturing, so that the
lithium ions amount is no more a limitation for the process.
More in general, at all the flow rates Qf/Qr is larger at lower current, due to the
vanishing of the diffusion overpotential.
In the secondary axis of Fig. 5.26, the yield of the process is reported. It is calculated as
the ratio between the amount of captured lithium (evaluated from the circulated charge)
and the total amount of lithium in the solution (0.04 mmoles). The yield increases by
increasing the flow rate and decreasing the current, reaching 62% at 1 mA, 85% at 0.5 mA
and 98% at 0.2 mA.
Saturation flow rates values also change with the current. They are estimated from
curves of Fig. 5.26 through the fitting with the exponential function, as already reported
in Sect. 5.1. Ms values obtained are 2.4, 9.2 and 22.4 µmol/min, for 0.2, 0.5 and 1 mA
respectively. The lower is the current, the lower is the flow rate that must be applied to
reach the maximum efficiency. This is due to the positive effect of the current decrease
on the mass transport overpotential, that reduces the influence of the flow rate on the
capture. Hence the process reaches high efficiencies at lower pressures, and the required
hydraulic energy is reduced. This aspect will be further discussed in Sect. 5.6. On the
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other hand, the decrease of current leads to an increase of the operation time, 5 times
higher at 0.2 mA than at 1 mA.
It is worth to notice that the Mf values in these measurements are not constant
during the experiments, but they decrease, due to the inlet solution concentration re-
duction. The values reported in the graph are the starting values of Mf , therefore they
are overestimated with respect to the real values during the capturing. The flux must
compensate not only the diffusion overpotential due to the lithium depletion in the pores,
but also the bulk concentration reduction. This explains whyMs at 1 mA (22 µmol/min)
is 20% higher than Ms obtained in the previous experiments at 1 mM LiCl and 1 mA (18
µmol/min), run at constant concentration of the inlet solution.
Concluding, in this Section it has been demonstrated that the capturing process
reaches more than 90% yield by lowering the current. The current is an important oper-
ative parameter, that can be chosen as trade-off between the capture yield, the hydraulic
energy and the operation time.
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Figure 5.28: Flow sheet of the capturing process.
5.5 Model results at various currents
In the last Section, it has been shown that the current is a fundamental parameter of
the process. By regulating the current, the yield of the capture can be increased, while
saving hydraulic energy. Hence it is useful to demonstrate that the mathematical model
developed in Section 5.2 predicts the behavior of the system at various currents.
In order to simulate the experiments of Fig. 5.26, the concentration reduction of the
source solution must be taken in account. In the model presented in Section 5.2, the
solution entering into the cell is always fresh, with a concentration equal to the starting
one. This assumption works when the charge circulated into the cell is much smaller than
the amount of lithium cations present in the liquid. In this case, the concentration reduc-
tion of the total liquid flowing into the cell is negligible and a fixed brine concentration
of the fed solution can be used in the model to simulate the results. When the amount
of lithium in the liquid is lower or comparable to the amount that can be stored in the
electrode, the concentration depletion of the liquid pumped from the feeding tank into
the cell must be taken into account.
5.5.1 Integration of the feeding tank in the model
In order to consider the concentration reduction of the inlet solution, the feeding tank
must be added into the model.
The solution is pumped from the tank to the cell. The solution going out from the
reactor, depleted in lithium concentration, goes back into the tank, as shown in Fig. 5.28.
The tank is supposed to be perfectly mixed, so that its bulk concentration inside is equal
to the outgoing one. The liquid is then recirculated in the reactor at lower concentrations
upon time. The process could ideally continue until the lithium in the tank is completely
exhausted.
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A further equation is added to the equation system reported in Sect. 5.2. It is a mass
balance equation of the reacting species in solution (lithium and sodium ions) on the
feeding tank and it has the following form:
Am
[∑
k
C˜i,kvm,kfl,k −
∑
k
Cm,ivm,kfl,k
]
= Vmix
dCm,i
dt
(5.44)
In the left side, the first term represents the incoming mass in the tank, equal to
the outgoing mass from the cell. C˜i,k is the concentration downstream of the reactor
for each channel group. For k=4, representing the inactive carbon cloth pores, C˜i,k =
Cm. Indeed, in these pores, the fluid is pumped from the tank and pass through the cell
without varying its concentration, as no reaction occurs. The term on the right side of
the equation is the accumulation term. Vmix is the tank volume, Am is the total fluid
passage section of the electrode, evaluated as flπR
2
e.
By solving the equation, the variation of species concentration in the tank (Cm,i) upon
time is obtained.
To add this equation, the boundary condition of point 1 (Fig. 5.10) is modified. The
Neumann condition on the diffusive fluxes equal to zero is substituted with a Dirichlet
boundary condition on the concentration, imposing Ci,k=Cm,i.
5.5.2 Anaysis of results
Simulations are performed at different currents (1, 0.5 and 0.2 mA), at 1 mM of LiCl and
1 M of NaCl concentrations, using porous distribution parameters of both low and high
mass loaded electrodes (reported in Table 5.2 and Table 5.5 respectively). The Vmix values
used in the simulations have been chosen so that the ratio between the amount of lithium
in solution and the amount that can be captured by the electrode in the best conditions
(40 mM LiCl) is equal to the experimental one (≈ 0.6). Vmix values are therefore 17.5
and 50 ml for the low and for the high mass loaded electrode respectively.
In Fig. 5.29, Qf/Qr values vs. Mf are reported for each current, extracted from
the simulated curves, for the low mass loaded electrode (a) and the high mass loaded
electrode (b). The experimental trend of Qf/Qr with the current and with the molar
flow rate (reported in Fig. 5.26) is well reproduced. The shapes of the curves calculated at
different mass loadings are similar, namely the model reproduces the effect of the current
for both porous distributions and pressure drops. With the higher mass loaded electrode,
the curves have higher saturation flow rates, as expected from the lower permeability of
the electrode.
In Fig. 5.30 the galvanostatic curves at low flow rate (2.5 µmol/min) and high flow
rate (10 µmol/min) are reported for each investigated current. The model reproduces the
effect of current and flow rate on the galvanostatic curves. By decreasing the current,
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Figure 5.29: Qf/Qr vs. Mf extracted from the simulated galvanostatic curves at different
currents for 5 mg/cm2 mass loading (a) and 14 mg/cm2 mass loading (b).
the curves reduction branches occur at higher potential, namely capture overpotentials
decrease, like in the experimental curves of Fig. 5.25. The same occurs with less intensity
during the release, as the potential of the oxidation branches decreases at lower current.
As already observed experimentally, the positive effect of the flow rate on Qf is large at
1 mA and almost negligible for 0.2 mA.
The inflection points of LMO profile potential are almost absent in the curves. They
are slightly visible at the lowest current. As previously discussed, the two inflection points
are present when some solid parts are completely filled, reaching the maximum state of
charge. These solid parts form those pores abundantly crossed by the flow. In the model
the solid distribution is a simplification of the real system. The active material that
mainly participates to the capture (which is assumed to be 80% of the total solid) forms
the biggest pores and it is described as a “slab” that fills as a unique block. According to
the simulated galvanostatic curves of Fig. 5.30, it does not fill completely, due to the lack
of lithium in solution. Conversely in the real system, the porous distribution is much more
complex and diversified, namely the active material is distributed in form of particles in
macropores of various sizes. These particles fills independently from each other and some
of them reaches the maximum state of charge, giving rise to the characteristic shape of
the LMO material.
In Fig. 5.31, time variation of the tank concentration is reported for the three currents
at high flow rates. The concentration changes linearly in time, as expected at constant
current. The concentration reduction increases by decreasing the current, up to 95% at
0.2 mA, which is close to the maximum yield found experimentally.
Concluding, by adding the mass balance equation on the feeding tank, the model
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Figure 5.31: Concentration in the mixer vs. reaction time.
107
describes very well the electrochemical system behavior at various currents, for a given
lithium concentration brine. By knowing the electrode pressure drops and by choosing a
porous distribution roughly representing the real one, the capture yield and the saturation
flow rate of the process can be estimated at various currents.
In this Chapter, it has been shown how the proposed mathematical model describes the
solid maximum filling at various flow rates, concentrations and electrode pressure drop,
with a good precision for lithium concentrations ≥ 5 mM. The validity of the model has
been further confirmed by the results at various currents. By decreasing the current, the
capture yield of the process increases, meanwhile decreasing the saturation flow rate, as
occurs experimentally. This latter is a very important parameter, because it determines
the hydraulic energy required by the system, as it will be shown in the next Section.
Concluding, by choosing the right parameters of the electrode porous distribution, the
model qualitatively reproduces the system behavior at various process conditions and it
can be used to estimate the best reactor working point, finding the trade-off between the
various parameters (current, flow rate, brine volume, pressure drop, mass loading).
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Figure 5.32: Pressures vs. volumetric flow rate for the empty cell (a), for the cell with the
5 mg/cm2 loaded electrode (b), with the 14 mg/cm2 loaded electrode (c), with the first
electrodes stack (low mass loaded LMO and one NiHCF electrode) (d), with the second
electrodes stack (high mass loaded LMO and two NiHCF short-circuited electrodes) (e).
5.6 Pumping energy
The evaluation of pumping energy is important to estimate the operational costs of the
process. The pressure drop on the cell has been experimentally evaluated. Firstly, an
evaluation of the Reynolds number Re can be useful to know the flow type inside the cell.
Reynolds number is evaluated in the narrowest part of the cell, namely the tube before
the funnel-shaped hole that has a diameter of 2 mm. It is calculated as:
Re =
4ρΓ
πdµ
(5.45)
where ρ is the solution density, Γ is the volumetric flow, d is the diameter and µ is
the viscosity of the solution. Using the value of the highest flow rate used during the
experiments (50 ml/min), the obtained value is 530 (< 1000), namely the flow is laminar.
Therefore, a linear behavior of the pressure with the flow rate is expected. Various
measurements have been performed on single elements of the cell. The pressure values
are reported in Fig. 5.32 vs. the volumetric flow rate. The trend of the curves is linear,
confirming that the flow is laminar into the cell. The slopes of the lines have been
evaluated through a linear regression and they indicate the hydraulic resistance of each
configuration.
The line (a) is the pressure on the empty cell (without any electrode). The line (b)
instead was measured adding only the low mass loaded LMO electrode. The slopes of
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the (a) and (b) are very close (4.4 and 4.7 mbar min/ml). Considering the hydraulic
resistances of the cell and of the electrodes as resistances in series, the low mass loaded
electrode resistance can be estimated as a difference between the two values (0.3 mbar
min/ml).
The resistance of the high mass loaded electrode (extracted from line (c)) is 5 times
higher than the low mass loaded one, thus the mass loading has an effect on the pressure
drop. The increase of pressure is due to the decrease of the porosity and permeability,
occurring for the higher filling of the substrate fibers of active material.
Adding the counter electrode and the separator (lines (d)), the hydraulic resistance is
much higher (25 mbar min/ml), thus suggesting that the highest pressure drop of the cell
are due to the NiHCF electrode, loaded at 25-30 mg/cm2.
Furthermore, adding the second NiHCF electrode into the cell (line (e)) seems to have
no effect on the hydraulic resistance. This result suggests that the fluid, after crossing
LMO electrode, does not cross the NiHCF electrodes, probably choosing a lower pressure
alternative path, outside the active area. This explains why the hydraulic resistance is
much higher respect to the other cases and it does not depend on the number of NiHCF
electrodes. This behavior of the flow is allowed by the cell geometry that has a volume
much larger than the active material volume. This configuration defect is solved with the
new cell geometry, as reported in Sect. 3.2.2.
The hydraulic resistance can be used to get a first evaluation of the pumping energy
required for the process.
The energy required to capture a mole of lithium can be expressed as:
Eh =
RhΓ
2
str
mLi
(5.46)
where tr is the capturing time, Rh is the hydraulic resistance of the cell (containing WE,
CE and separators), mLi is the amount of captured Li
+ moles and Γs is the saturation
flow rate. For Γ > Γs, the increase of the captured lithium is not high enough to justify
the increase in hydraulic energy. Knowing that mLi= Qf/F and tr= Qf/I, the hydraulic
energy can be rewritten as follows:
Eh =
RhΓ
2
sF
I
(5.47)
Eh depends quadratically by volumetric flow rate, it is directly proportional to Rh
and inversely proportional to I.
In this phase, only pumping power required for the capturing step is taken into ac-
count, since it is higher than the one for recovery, as it will be discussed in Chapter 6.
It is interesting to show the dependence of capturing hydraulic energy on some process
parameters.
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Figure 5.33: Pumping energy per mole required during the capturing process vs. the
lithium concentration in source solution.
In Fig. 5.33, the molar hydraulic energy is reported vs. the brine concentration. It is
calculated using the evaluated molar saturation flow rates for the various concentrations
from the experiments reported in Fig. 5.23. As expected, the pumping energy decreases
with lithium concentration. This behavior is due to the volumetric flow rate, which is
inversely proportional to the concentration (Γs=Ms/CLi). This dependence translates in
a quadratic trend of the hydraulic energy with the concentration (Eq. 5.47). By increasing
CLi → 0. A smaller effect is due also to Ms, which decreases for higher concentrations.
Pumping energy depends also on applied current. According to Eq. 5.47, the hydraulic
energy decreases proportionally with current. Nevertheless, Ms and consequently Γs
decrease with the current, as observed in Sect. 5.4. Using Ms values extrapolated by
Fig. 5.26, the correspondent pumping energy at the three different investigated currents
are calculated and reported in Fig. 5.34. Thanks to the decrease of Γs, the pumping
energy decreases with the current.
In the same graph, the relative cost of pumping is reported, evaluated as the ratio be-
tween the cost of electricity due to the pumping (0.097 Euro/kWh, considering a medium
size industrial plant located in Germany [118]) and the price of produced lithium (evalu-
ated from the current price of Li2CO3, 20 Euro/kg [12]). Even at the highest investigated
current, the pumping costs are the 7% of the income, which means that the process is
economically sustainable at the investigated conditions. The energy costs can be further
reduced by decreasing the current.
The operational costs of the process include also the required electric energy due to
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Figure 5.34: Pumping energy per mole required during the capturing process (primary
axis) vs. the current. The cost of pumping is reported in the secondary axis, in percentage
with respect to the process income.
the current. In Chapter 6, this cost will be included in the evaluation and it will be shown
that for low brine concentration (less then 5 mM) the required electric energy is negligible
compared to the pumping energy.
Concluding, pumping energy depends on the cell hydraulic resistance, saturation flow
rate, brine concentration and applied current. The hydraulic resistance depends on the
mass loading of the electrode and on its porosity. A way to decrease Rh is to tailor the
porous distribution of the electrode. A structure with low amount of active material and
many big inactive pores leads to a lower Rh value, but also to low capture efficiency.
Filling more the substrate with active material increases Rh, but it is necessary to have
a good yield of the process.
The other determining factor is the brine concentration. At low concentrated brine,
pumping energy cost is the highest operational cost. Nevertheless, hydraulic energy can
be controlled by tuning the current. Decreasing the current, namely slowing down the
capturing rate, leads to a decrease of the saturation flow rate and in a optimization of
the costs. The current value can be chosen as a trade-off between the pumping cost and
the time production.
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Figure 5.35: Galvanostatic curves of LiMn2O4 in 10 mM, 1, 2 and 5 M NaCl and 5 mM
of LiCl, at 0.4 (a) and 2 ml/min (b) [64].
5.7 Effect of sodium concentration
Lithium brines contain many other cations, such as Mg2+, Ca+, K+, Na+ and so on.
Selectivity of LMO towards lithium have been extensively studied in the past [6, 34].
Tro´coli et al. [6] reported that the coefficient of lithium selectivity, defined as the ratio
between amount of lithium and other cations in the recovery solution, is circa 35 for K+,
Na+ and more than 300 for Mg2+.
Nevertheless, the good selectivity of LMO does not prevent the other cations to influ-
ence lithium intercalation. A previous study [8] has shown that the presence of sodium
can interfere in the capturing step, limiting the amount of lithium intercalated. This phe-
nomenon is very important for lithium capturing from natural brine, since most of them
contain sodium cations at high concentration. In order to have a quantitative estimation
of this effect in low concentrated lithium brine, GCPL measurements at various sodium
concentrations were performed. The investigated sodium concentrations are 10 mM, 1, 2
and 5 M, together with 5 mM LiCl. The applied current is 1 mA, using the 5 mg/cm2
mass loaded electrode. In Fig. 5.35, GCPL curves at low flow rate (a) and high flow rate
(b) for the four investigated concentrations are reported. The x-axis is normalized by Qr.
The higher is the sodium concentration, the lower is Qf/Qr, thus confirming the negative
effect of sodium during lithium intercalation. This effect is less evident at high flow rate
(panel (b)). The results are represented clearer in Fig. 5.36, where Qf/Qr and η¯ vs. Γ
are reported. The curves show the typical behavior of Qf/Qr and η¯ already observed
in previous paragraphs, due to lithium mass transport overpotential. By increasing the
sodium concentration, the curves show lower value of Qf/Qr. The saturation value of
Qf/Qr passes from 0.85 at 10 mM, down to 0.65 at 5 M. The mean overpotential shows
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Figure 5.36: Panel (a): maximum solid filling of LiMn2O4 vs. flow rate; panel (b): mean
overpotential; both quantities are reported at 10 mM, 1, 2 and 5 M NaCl and 5 mM of
LiCl [64].
the opposite behavior, passing from 150 mV at 5 M, down to 70 mV at 10 mM. The re-
sults suggest the existence of an effect of Na+ cations on the process efficiency. However,
the difference between the captured lithium amount at 10 mM and 5 M at low flow rates
is higher than the one at high flow rates. This suggests that the sodium effect can be
compensated by increasing the flux inside the cell.
As already mentioned, this effect was reported in a previous work [8], where the authors
attribute this behavior to a co-adsorption of sodium on the electrode surface, which limits
the numbers of active sites available for lithium cations adsorption. Adsorption is indeed
the first step of lithium intercalation in LMO [119, 120]. The effect of sodium co-
adsorption is visible also in the oxidation branches of the galvanostatic curves of Fig. 5.35,
although with less intensity compared to the reduction branch. The first plateau of the
oxidation branches shows higher potential at higher sodium concentration, suggesting the
presence of an overpotential also during the de-intercalation of lithium.
Fig. 5.37 reports the percentage of decrease of Qf/Qr vs. the ratio Na/Li, extracted
by Fig. 5.36 (a) at Γs for 5 mM LiCl (1 ml/min), calculated with respect to the values
obtained at 10 mM of NaCl. This graph gives a rough estimation of the efficiency decrease
in term of amount of lithium captured due to the presence of sodium in solution.
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Figure 5.37: Percentage decrease of Qf/Qr calculated with respect to Qf/Qr measured
in 10 mM of NaCl and 5 mM of LiCl vs. sodium and lithium concentration ratio in
solution [64].
5.8 Ohmic drops
The estimation of the Ohmic drop ηΩ of the cell was performed. The measurement has
been carried out thanks to the use of the two Ag/AgCl electrodes immersed in solution,
by measuring the difference of potential between them during LMO cycles at various
concentrations of NaCl in solution. The results are shown in Fig. 5.38, at 5 mM of LiCl
and 10 mM, 1 M, 2 M and 5 M in panel (a), (b), (c) and (d) respectively. The potential is
recorded vs. time, the black line represents LMO potential, the green line is ηΩ, which is
positive during oxidation, negative during reduction of LMO and ≈0 between the cycle,
when no current is applied. ηΩ potential at 10 mM is ≈33 mV, at 1 M is ≈2.5 mV, at
2 M is ≈1 mV and at 5 M is ≈0.7 mV. This values of ηΩ, which are a negligible with
respect to LMO overpotential η¯ shown in Fig. 5.36 (b) shows the advantage of the flow-
through electrodes cell configuration, which allows to reduce the Ohmic drops thanks to
the minimized distance between the electrodes.
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Figure 5.38: Ohmic drops and LMO potential vs. time during galvanostatic cycle, in
10 mM (panel (a)), 1 M (panel (b)), 2 M (panel (c)) and 5 M (panel (d)) of NaCl and
5 mM of LiCl [64].
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Chapter 6
The Complete Process
In this Chapter, the procedure and the results of the complete lithium recovery process
(capturing and release step) are reported. The extraction has been performed from a
solution with the lowest investigated lithium concentration, 1 mM LiCl, and 100 mM
NaCl. The information previously gained on the capturing step were used to choose the
process working conditions (flow rate, current, mass loading).
The cell used to perform the entire process is the one described in paragraph 3.2.2. The
WE is composed by 2 LMO electrodes, each loaded with 20 mg/cm2 of active material, the
CE is composed by 6 NiHCF electrodes, each loaded with 14 mg/cm2 of active material.
The masses ratio of LMO and NiHCF was decreased to 1:2 with respect to previous
experiments, to minimize the unused mass of the counter. Mass loading of NiHCF is
lower than in the previous cell to decrease its pressure drops. The total LMO active mass
is circa 32 mg (Qr=3.4 mAh), the total NiHCF active mass is circa 64 mg (Qr=3.8 mAh).
The steps of the experiments are the following:
1. 150 ml of brine are pumped inside the cell with a flow rate of 15 ml/min
(15 µmol/min of Li+).
2. A negative current (0.5 mA) is applied to the cell. Li+ intercalation in LMO elec-
trode and Na+ de-intercalation from NiHCF occurs.
3. The cell is clean with 120 mM KCl. Then the solution is pumped out by an air-flow
to remove the residuals. After that, 5 ml of recovery solution (initial concentration
120 mM KCl) are pumped inside the cell.
4. A positive current is applied (1 mA) and de-intercalation of Li+ occurs, together
with intercalation of K+ in NiHCF. The flow rate is 5 ml/min. At the end of the
oxidation, the solution is pumped out by air-flow.
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The volume amount pumped (150 ml) during capture contains 20% more lithium than
the maximum amount that could be captured by LMO from “simil-Atacama” solution.
The flow rate chosen was ∼50% higher than the saturation flow rate extrapolated from
Fig. 5.26 at the same current. The current has been chosen as a compromise between
high capture yield, low pumping energy and convenient experiment time (∼8 h).
During the release step, the electrolyte is pumped through the cell to allow the contact
of the entire solution volume with the electrodes, allowing an homogeneous increase of the
liquid concentration in the overall volume and improving the mass transport from solid to
liquid. Considering the volume of the cell plates (0.73 ml) and the liquid volume retained
by the electrodes (0.7 µl/mg) and separator (10 µl/cm2) that were measured by weight
difference, the total liquid volume contained in the cell is circa 0.82 ml, therefore lower
than the recovery solution volume (5 ml). Beside, the recovery solution is recirculated
continuously, because the complete charge would not be possible in one solution passage,
as the liquid residence time is much smaller than the reaction time, like in the capturing
step. The flow rate in this step was chosen as 1/3 of the one used during the capturing
step.
The current applied during the release step is 1 mA, since it was already proved that a
higher current during the release does not compromise the final lithium concentration and
the charge efficiency [6]. Nine cycles (both capturing and release step) were performed
one after the other, so that lithium is captured from a total brine volume of 1.35 l and
released in 5 ml of recovery solution.
6.1 Analysis of the results
In Fig. 6.1 the galvanostatic curves of the charge and discharge steps of the cell are
reported for the I, III, V, VII and IX cycle. In the bottom curve, the charge negatively
increases as far the lithium capturing occurs. In the top curve the charge negatively
decreases and lithium cations are released into the recovery solution. The cycle occurs
clock-wise, the discharge occurs at lower potential then the charge, namely the process
requires energy to proceed. The area between the two curves is equal to the energy
required by the process.
The discharge curves are very similar to each other, only a slight difference is present
in the maximum reduction charge. The capacity fading is higher than expected (15 %
in nine consecutive cycles). This behavior may be due to the contact with air after each
half-cycle, to remove the solution from the cell. The use of air flow is important especially
before the injection of the 5 ml of recovery solution, to remove as much solution residual
as possible to minimize contamination of recovery solution.
Qf/Qr is 0.7, higher than the saturation value obtained at 0.5 mA in the experiments
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Figure 6.1: Galvanostatic charge/discharge curves for the I,III,V and VII cycles. Lithium
is captured from the right to the left of the x-axis.
shown in Fig. 5.26, because in that case the ratio between the amount of lithium in the
solution and the capacity of the electrode was lower then 1, while in this case it is 1.2.
The charge curves have higher potentials upon cycles. This is the Nerstian increase
due the higher Li+ concentration in the recovery solution upon cycles, which leads to an
increase of the required energy of the process, as it will be further discussed in the next
paragraph.
The initial (Ci,in) and final (Ci,f ) concentrations of the species i of the source solution
were measured at each cycle with ICP-OES measurements. The Cf of recovery solution
were measured for the I,II,III,V,VII,IX cycles. Specifically 10 µl were taken from the 5 ml
recovery solution at the end of each cycle to be analysed. The detected concentrations
of sources and recovery solutions for each cation are reported in Table 6.1 and Table 6.2
respectively. Moreover, in Table 6.2 purity coefficients of lithium in recovery solution
upon cycles are reported, evaluated as the lithium concentration divided by sum of all
cations concentration in the recovery solution:
KLi =
CLi∑
Ci
(6.1)
From Table 6.1, the mean values of CLi,in and CLi,f of the source solution are 0.93
± 0.07 and 0.4 ± 0.05 mM, namely the yield of the capturing process is ≈ 60%. The
relative error is attributed to the ICP-OES measurements. CNa,f is always higher than
CNa,in, as NiHCF electrode releases Na
+ in solution during the capturing. Nevertheless
their difference is very small, due to the high amount of Na+ in solution respect to the
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Cycle CLi,in CLi,f CNa,in CNa,f
1 0.97 0.37 102.1 103.4
2 0.99 0.45 103.9 106.1
3 0.984 0.43 102.2 101.3
4 0.86 0.4 93.6 94.5
5 0.87 0.4 93.4 95.3
6 0.88 0.35 93.4 96
7 0.86 0.4 93.3 94.5
8 0.9 0.34 97.3 93.4
9 0.9 0.42 97.6 97.04
Table 6.1: Lithium and sodium concentrations in mM in the source solution at the be-
ginning and at the end of the capturing step.
Cycle CLi,in CLi,f CK,in CK,f CNa,f KLi
1 0 15.6 117.5 101.3 0.63 0.13
2 15.6 29.5 101.3 85 1.49 0.25
3 29.5 41.7 85.2 68.1 2.03 0.37
5 - 60.9 - 44.1 6.87 0.54
7 - 80.2 - 8 -
9 - 100 - 1 4.84 0.94
Table 6.2: Lithium, potassium and sodium concentration in mM in the recovery solution
at the beginning and at the end of the release step and purity coefficient of lithium in
recovery solution.
de-intercalated amount. In the source solutions of III, VIII and IX cycles CNa,f <CNa,in,
probably due to some errors in the ICP-OES measurements.
It is worth to notice that the NiHCF at the end of the release step is full of K+,
while during the capturing it mostly deintercalates Na+. This is due to the equilibrium
exchange of K+ with Na+ after the release step, during the cell rinsing with the source
solution, because of the presence of Na+ in the liquid phase in contact with the solid.
As shown from the Table 6.2, Li+ concentration in recovery solution increases upon
cycles up to 100 mM, while K+ concentration decreases down to 1 mM. KLi increases
upon cycles as expected, for the exchange of K+ with Li+ in solution. Na+ concentrations
increases upon cycles, probably due partial intercalation/adsorption in LMO electrode
during the capturing step. CNa of the VII cycle is not reported, as it is out of range. The
final purity of the recovery solution is 94%.
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Figure 6.2: Li+ and K+ concentrations in the recovery solution vs. cycles (pointed line).
The dotted lines are the estimated concentrations by means of the Faraday law with
Coulombic efficiency equal to 1.
From the experimental values of the initial and final solution concentrations of each
cycle, the Coulombic efficiencies η can be estimated for semi-reactions. Coulombic effi-
ciency of intercalation (of Li+ during the capturing step, of K+ during the release) can
be estimated as:
ηc =
Ci,inV − |Q|/F
Ci,fV
(6.2)
where Ci,in and Ci,f are the starting and final Li
+ or K+ concentrations detected by ICP-
OES measurements, Q is the net charge passed during the (dis)charge, V is the solution
volume.
The Coulombic efficiency of de-intercalation (of Li+ during the release step and of
Na+ during the capturing step) can be instead evaluated as:
ηr =
Ci,fV
Ci,inV + |Q|/F (6.3)
The Coulombic efficiencies of the reactions occuring during the capturing step can be
calculated for each cycle, by means of the initial and final concentrations of the source
solution reported in Table 6.1. Their average values are 0.98 for Na+ deintercalation and
0.9 for Li+ capturing. This last value is in agreement with the one found in literature [6]
and suggest the presence of a side reaction on LMO.
In Fig. 6.2, K+ and Li+ concentrations of recovery solution are reported vs. cycle
numbers (pointed lines). In the same graph, “ideal” concentrations upon cycles evaluated
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by means of Faraday law with Coulombic efficiency equal to 1 are reported (dotted lines).
The value of K+ measured with ICP-OES at the end of VII cycle is not reported in the
graph because its measured value (8 mM) is too low and it leads to an efficiency higher
than 1. The concentration of recovery solution at the beginning is 117 mM KCl, measured
with ICP-OES before the start of the process. According to calculations, the maximum
achievable concentration of Li+ with a process efficiency equal to 1 is reached at the VII
cycle and it is equal to 107 mM, while the respective K+ concentration is 9.6 mM. The
difference between calculated and the experimental final concentrations depends on the
process efficiency. The release process efficiency evaluated as a ratio between final Li+
concentration obtained experimentally and the ideal one is 75%.
The process efficiency is lower than 1 mainly due to two effects: the Coulombic effi-
ciencies of the reactions that are lower than 1, for the presence of side reactions during
(de)intercalation, and the effect of contamination from the rinsing solution, namely the
starting recovery solution (117 mM KCl), which remains into the tubes, parts of the cell or
absorbed into the electrodes. The contamination leads to a dilution of Li+ concentration
and to an increase of K+ concentration. These effects give two different contributions to
the shape of the concentrations curves vs. cycles: Coulombic efficiency decreases the line
slope, while the contamination effect leads to a saturation value. After a certain number
of cycle, the concentrations variation due to the electrochemical reactions becomes com-
parable with the one coming from contamination from rinsing solution and the process
becomes no longer convenient. In Fig. 6.3 the concentrations upon cycles are reported at
various values of retained volume, using the following expressions:
Cj,Li =
Cj−1,LiV + |Qj |/F
V + Vr
(6.4)
Cj,K =
Cj−1,KV + Cr,KVr − |Qj |/F
V + Vr
(6.5)
where the index j indicates the cycle number and Cj,Li and Cj,K are the final concentra-
tions of the cycle. Vr is the volume retained into the cell and Cr,K is the concentration of
the rinsing solution. Qj is the net charge passed during the release step at each cycle. In
Fig. 6.3, the arrows indicate the direction of larger Vr values. The higher is Vr, the lower
is the cycle number at which the saturation of Li+ concentration is reached. The K+
concentration decreases slower with higher Vr, until it starts to increase. Vr has influence
on the final concentration and purity of the recovery solution. Hence, it is very important
to keep the value of Vr as low as possible.
If Coulombic efficiency was equal for the two reactions, the only effect that caused
the decrease of efficiency would be the contamination from the rinsing solution. In this
case, choosing a value of Vr, it would be possible to match the calculated curves with the
experimental ones for both Li+ and K+. This is not the case, as it was already observed
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Figure 6.3: Li+ and K+ concentrations evaluated with Eqs. 6.4 and 6.5 at various Vr
values, namely 0, 0.1, 0.2, 0.5 and 1 ml. The arrows go in the direction of larger Vr.
that the reactions have different values of Coulombic efficiencies. Choosing a Vr value of
70 µl and Coulombic efficiencies of 0.94 for capturing of K+ and 0.8 for release of Li+, a
good match between the curves is obtained. The result is reported in Fig. 6.4 (a).
According to the calculations, the retained volume is 70 µl, namely 9% of cell volume
and 1.4 % of recovery solution volume. This volume is close to the value of measured
volume retained in the electrodes and separator (90 µl). The results show that in this
experimental condition at the IX cycle the saturation of Li+ concentration is still far.
Using the same values of Vr and Coulombic efficiencies, the concentrations have been
calculated for further cycles, starting from an initial K+ concentration of 1 M in the
recovery solution. The results, reported in Fig. 6.4 (b), show that Li+ concentration
curve approaches the saturation at circa 200 cycles, reaching a concentration of 0.8 M.
At the investigated experimental conditions, the total process efficiency, evaluated as
the final lithium amount in recovery solution (3.45 mg) divided by the total amount in the
source solution (9.3 mg) is 37%. This final efficiency can be further improved increasing
the capture yield. In this final experiment, the capture yield is kept to 60 %, but it can
be optimized up to 90 %, as proved in Section 5.4, by decreasing the applied current and
the source solution volume.
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Figure 6.4: Panel (a): experimental concentrations upon cycles (pointed line) and calcu-
lated concentrations (dotted line) with Vr=70 µl and Coulombic efficiencies values of 0.8
and 0.94 for Li+ and K+ (de)intercalation respectively. Panel (b): calculated concentra-
tions up to 300 cycles starting from an initial K+ concentration of 1 M.
6.2 Electrical power estimation
As already mentioned, energy consumption of the process can be estimated by the area
between the charge and discharge curves of Fig. 6.1. It can be calculated as follows:
W =
∫ 2
1
∆E(Q)dQ+
∫ 4
3
∆E(Q)dQ (6.6)
where ∆E is the voltage cell, Q is the charge. The numbers refer to various process
steps, indicated in Fig 6.1. The first term of Eq. 6.6 is the energy required for capture,
the second for release. Their sum is the net required energy for the total process.
The electrical energy can be divided in two contributions, the thermodynamic and the
kinetic energies:
W =Wth +Wk (6.7)
The thermodynamic contribution is the energy required to move the ions from a
solution to the other and it includes the free energy differences between end and start of
the cycle of the two solutions. It can be calculated by the Nernst equation of the reactions
occurring during the first and third step, as previously reported [42].
The Nernst equations of the reactions occurring from point 1 to 2 (capture) and from
point 3 to 4 (release) of Fig. 6.1 are:
∆E(Q) = ∆E01 +∆E
′
1(Q) +
RT
F
ln
[
CLi,1 +
Q
FV1
CNa,1
]
(1− 2) (6.8)
124
∆E(Q) = ∆E02 +∆E
′
2(Q) +
RT
F
ln
[
CLi,3 +
Q−Qf
FV3
CK,3 − Q−QfFV3
]
(3− 4) (6.9)
where Q is a negative number (as in Fig. 6.1) and Qf is the maximum reduction charge
for each cycle, so that Q − Qf is the net charge passed during the release step. During
the capturing step, change of CLi,1 has to be considered, while CNa,1 is approximatively
constant. Both CLi,3 and CK,3 change during the release step. ∆E
0
1 and ∆E
0
2 are constant
terms depending on the standard potentials of the occurring reactions. Specifically:
∆E01 = E
0,LMO
Li − E0,NiHCFNa (6.10)
∆E02 = E
0,LMO
Li − E0,NiHCFK (6.11)
where E0,LMOLi is the standard potential of intercalation of Li
+ in LMO, E0,NiHCFNa and
E0,NiHCFK are the standard potentials of intercalation in NiHCF of Na
+ and K+ respec-
tively. ∆E′(q) is the potential contribution dependent on state of charge, which includes
the excess potential of intercalation:
∆E′1 = E
′LMO
Li − E′NiHCFNa (6.12)
∆E′2 = E
′LMO
Li − E′NiHCFK (6.13)
Substituting Eqs. 6.8 and 6.9 in Eq. 6.6, one obtains:
Wth =
∫ Qc
0
(
∆E0 +∆E′
)
dQ+
RT
F
ln
⎡⎣
(
CLi,3 +
Q−Qf
FV3
)
CNa,1(
CLi,1 +
Q
FV1
)(
CK,3 − Q−QfFV3
)
⎤⎦ dQ (6.14)
where the first two terms can be approximated as follows:
∆E =
∫ Qc
0
(∆E0 +∆E′)dQ =
(
E¯Na − E¯K
)
Qc (6.15)
The extreme of the integral Qc is the charge of each cycle. Since charges passed during
reduction and oxidation are different due to Coulombic efficiency, it can be approximated
to the average value.
E¯Na and E¯K are the average potentials of intercalation of Na
+ and K+ in NiHCF
as defined in Eq. 4.17 in Section 4.2. This expression is an approximation because the
average potential E¯ was defined as the integral of potential over the fraction of charge
between 0 and 1, while in this case fraction of charge does not necessary arrive to the
extreme values. The approximation is anyway reasonable, as ∆E0 is a constant term,
and it does not depend on the extremes, and ∆E′ is negligible compared to the total
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Figure 6.5: Thermodynamic energy evaluated by Eq. 6.14 and total energy evaluated
from the galvanostatic curves.
potential, as it was verified in Section 4.2. As shown in Sect. 4.2, E¯K > E¯Na, hence this
term reduces Wth of the system.
In Fig. 6.5, Wth values for each cycle calculated by Eq 6.14 are reported. They are
estimated using experimental concentrations (extrapolated by Fig. 6.2) and the charges
of each cycle. In the same graph the total energy required by the system evaluated from
the integrals of the curves of Fig. 6.1 are shown.
The two curves have similar shape, logarithmically increasing with CLi,3. This behav-
ior was already reported in literature [42]. Wth is negative until ≈ 30 mM, namely the
process is thermodynamically favored up to this concentration.
In Fig. 6.6, Wtot, Wth andWk (the latter evaluated by Eq. 6.7) are reported, this time
normalized by lithium number moles transferred in each cycle.
During the first two cycles, the Wtot is lower than the Wk, because it is compensated
by the energy thermodynamically produced by the system. After that, the increase in
total energy is almost totally due to the increase of Wth, while Wk keeps almost constant.
The total energy required for the process can be calculated as:
WT =
∑
j
Wtot,jNj
Ntot
(6.16)
where j is the cycle number, Nj are the lithium moles transferred at each cycle, and
Ntot are the total transferred moles. WT for this experiment is equal to 6.1 Wh/mol.
The term ∆E of Eq. 6.15 (in this case equal to 130 mV) has a significant effect on
the amount of energy required by the process. Considering the total charge flown into
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Figure 6.6: Total energy evaluated from the galvanostatic curves, thermodynamic energy
evaluated by Eq. 6.14 and kinetic energy evaluated as difference, per unit of transferred
lithium moles.
the system (circa 20 mAh) and the total lithium moles transferred (0.5 mmols), one can
estimate that the energy due to this contribution is circa 5.2 Wh/mol. Hence by using
KCl instead of NaCl in recovery solution, 85% of energy is spared. As already mentioned
in Section 4.2, the choice of the second cation in recovery solution can be an important
factor for decreasing the required electrical energy of the process.
6.3 Final pumping energy
Total pumping energy is calculated as reported in Sect. 5.6, using Rh of the cell, measured
experimentally. Pressures of cell and single electrodes vs. the flow rates are reported in
Fig. 6.7. The pressures of empty cell are reported in panel (a), line (a). Rh extrapolated
by the line slope is 10.3 mbar min/ml, namely 2 times more than in the previous cell. This
may be attributed to the higher compactness of this cell, in which the flow is forced to
pass through the channels, without possibility to flow in other parts. Line (b) represents
the pressure measurements of the cell with one LMO electrode (20 mg/cm2). Subtracting
the cell resistance, Rh of LMO is equal to 7.1 mbar min/ml ≈ 5 times higher than the
30% lower mass loaded LMO electrode used in the previous cell.
Line (c) shows the pressure of the cell with a NiHCF electrode. Subtracting the cell
resistance, Rh of NiHCF is equal to 3.4 mbar min/ml, hence 2 times lower than Rh of
LMO, thanks to the lower mass loading (14 mg/cm2) and to the higher porosity of the
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Figure 6.7: Panel (a): pressures vs. volumetric flow rate for the empty cell (a), for the
cell with one LMO electrode (b) and with one NiHCF electrode (c). Panel (b): pressures
vs. flow rate of the cell with the total electrodes stack.
electrode, obtained adding a lower NMP volume during the preparation of the slurry, as
described in Section 3.1.
The pressure in the total stack is reported in Fig. 6.7, panel (b). Total stack includes
2 LMO electrodes, 6 NiHCF electrodes and 2 titanium frits. The total Rh is 130 mbar
min/ml.
Using the total Rh of the total process, Eh is calculated from Eq. 5.47 and it is equal
to 2.5 and 0.14 kWh/mol for the capturing and release step respectively. Eh required
during capturing step is 18 times higher than the one for release step, due to the 3 times
higher applied flow rate and the 2 times lower current.
The highest required energy of the process for extraction of lithium from 1 mM brine
is the pumping energy, since the required electric energy (6.1 Wh/mol) is negligible with
respect to it.
Finally, an estimation of total energy required by the process and its cost was per-
formed for various lithium concentration brine at 1 mA. The results are shown in Fig. 6.8.
The required energies are the electric energy to perform the process (Wtot) and the one to
pump the electrolyte (Eh). Eh is estimated using Eq. 5.47, with Rh of the total cell (130
mbar/ml min) and Γs at the various concentrations at 1 mA extrapolated from Fig. 5.23
(a). Wth is evaluated from Eq. 6.14 at various CLi,1, using the charge evaluated from the
Qf/Qr curves of Fig. 5.23 (a). Wk evaluated in the last Section at 1 mM LiCl was rescaled
proportionally to η¯ of Fig. 5.23 (b), to get a rough value for all the concentrations. Wtot
is then evaluated by Eq. 6.7.
Wth decreases logarithmically with brine concentration, as expected by Eq. 6.14. At 5
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Figure 6.8: Energy per mole required for the total process vs. the lithium concentration
in the source solution. In the secondary axis the energy cost is reported, in percentage
with respect to the process income. The blue dots represent the absolute value of the
thermodynamic energy, which is negative at 5 and 10 mM of LiCl.
and 10 mM Wth is negative, namely energy is produced during the process. Wk decreases
as well, due to the decrease of mass transport overpotential by increasing the concentra-
tion. Pumping energy decreases quadratically with concentration as it was observed in
Section 5.6.
At 1 and 2 mM Wtot is negligible compared to Eh. By increasing the brine concentra-
tion they become comparable. Increasing further lithium brine concentration, pumping
energy continues to decrease and the Wtot becomes the prevalent energy.
The energy cost related to lithium price is reported in the secondary axis. The process
is economically sustainable for all the concentration range. Relative energy costs increase
by decreasing the brine concentration due to the enhancement of Eh, up to 28% at 1 mM.
The hydraulic energy can be further reduced applying lower current. Further opti-
mizations of porous distribution of the electrodes may be carried out to decrease hydraulic
resistances. Bigger active pores size would further improve lithium transport and decrease
pressure drops.
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Chapter 7
Conclusions and Outlook
The expected expansion of the lithium market in the coming years suggests the necessity
to find faster and more sustainable ways to extract lithium than those currently used. The
main amount of lithium distributed in the market at the moment is recovered from brine
sources, located mostly in South America, with relatively high lithium concentrations
that make possible its extraction. The diversification of the lithium sources and of the
production sites is fundamental to make the lithium based technologies more competitive
in the market. Hence the worldwide research is beginning to focus on the exploitation of
other less concentrated sources of lithium.
In this PhD thesis, a reactor prototype for the lithium extraction from diluted brine has
been presented. The electrochemical ion pumping technique by means of ion-exchange in
solution has been successfully implemented in a flow through-electrode reactor, designed
to extract lithium from low concentrated solutions at high efficiencies.
The development of the technology began with a prior study of the materials used
in the process. In particular, the analysis of the intercalation mechanism in the lithium
capturing electrode (LiMn2O4) has led to the development of a simple mathematical
model that simulates the equilibrium curve. This model can be implemented in general
in the electrochemical modelling of those systems where LiMn2O4 is used.
The thermodynamic behavior of the lithium excluding electrode (NiHCF) has been
studied in mixed cationic species solutions, finding a correlation between the intercalation
potential and the species concentrations in solution. Beside, the amount of the interca-
lated cations in the solid structure can be estimated. The results are relevant for future
applications of the NiHCF in electrochemical ion pumping techniques in mixed cationic
species solutions.
Two kinds of cells have been designed to perform the extraction process. The first
cell was meant to investigate the capturing process from diluted brines (1-10 mM lithium
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concentration), the second has been designed to perform both capturing and release steps.
The capturing step is the most challenging part of the process, due to the overpoten-
tial coming from transport of lithium in the liquid phase. Firstly, the influence of the
electrolyte flow rate and brine concentrations on the solid filling of the active material has
been investigated. By increasing the flow rate, the captured lithium amount increases,
up to a maximum value of filling, which varies with lithium concentration in solution.
This behavior is attributed to the porous structure of the electrode, which is made by
various pore sizes and it has an irregular solid distribution. The flow passes mainly in
the big inactive pores of the substrate, while it barely influences the small irregular pores
created by the active material. This limits the maximum filling of the active material at
low concentrations.
This results interpretation was proved by means of a mathematical model, that was
developed to describe the system behavior during the capture. The model assumes a
simplified electrode structure, composed by a pore distribution having a specific direc-
tion in the space, crossed by the flow at various velocities, considering lithium transport
occurring along the cell thickness. Assuming an arbitrary distribution with pores of four
different sizes, the model describes the capture efficiency trend with the flow rate for con-
centration higher than 5 mM. For lower concentrations, the model predicts much higher
efficiencies than the experimental ones. This discrepancy has been attributed to the ideal
electrode structure assumed in the model, that is described as a very compact solid layer
with well defined pores evenly distributed.
On this grounds, in order to improve the capture efficiencies, a more compact solid
layer was formed, by increasing the active material amount on LMO electrode, shifting
the pore size distribution towards more active macropores. This leads to an improvement
of the solid filling, that passes from 20% to 70% at the lowest investigated concentration
(1 mM). On the other side, the pressure drop on the electrode increases, due to the lower
permeability of the porous medium. The validity of the model has been further tested
by adjusting the pore distribution parameters and the pressure drop to reproduce the
experimental results obtained with the higher mass loaded electrode. It was shown that
the model qualitatively describes the response of the system to a different permeability
of the electrode.
After having investigating the maximum solid filling achieved, the process yield was
optimized by changing the applied current. It was shown that, by decreasing the current,
a higher process yield is obtained at lower flow rate, sparing hydraulic energy. In the
optimal conditions, more than 90% of lithium in brine is captured. The reactor behavior
at various currents is well described by the model. The model results show improvements
in the capture efficiencies and lowering of the required hydraulic energy by decreasing the
current, as occurs experimentally.
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Despite its simplicity, the developed mathematical model qualitatively describes the
reactor behavior at various operating parameters (flow rate, lithium concentration, mass
loading, pressure drop, current), and it can be used to investigate the optimal working
conditions of the process. Further improvements of the model can be carried out by
describing other transport effects occurring in the porous electrodes, such as radial dif-
fusion in the pores and inter-porous transport. This can be achieved by a more detailed
description of the electrode structure.
Finally, the total process (both capturing and release steps) has been performed in the
final cell. 1.35 l of brine containing 1 mM LiCl and 100 mM NaCl was treated in 9 cycles,
obtaining 5 ml solution with 100 times higher lithium concentration than brine and 94%
purity. The final lithium rich solution volume has been enlarged 15 times with respect
to previous works. According to the experimental results, it can be predicted that, given
a good stability of the electrodes upon time, the reactor could perform up to 200 cycles,
reaching a final 0.8 M LiCl concentration in the recovery solution.
An economic analysis of the process run at 1 mA/cm2, based on the estimation of
pumping and electric energies, has shown that this technology is economically sustainable
in the investigated concentration range. For extractions from sources at concentration
lower than 5 mM, pumping energy is the main cost of the operation. For higher concen-
trations, pumping and electric energy become comparable and the process profit becomes
higher than 95%. Pumping energy can be further reduced working at lower current.
The development of the technology reported in this PhD thesis opens the way to the
industrial application of the reactor for extraction of lithium from diluted brines and
thus to diversification of lithium global resources. Various sources of lithium that have
so far remained unused, such as geothermal waters, brine produced in salt-works, waste
waters from the gas and oil extraction wells could be exploited. The technology has the
credentials to respond to the growth in lithium demand expected in the coming years.
Additional studies on the technology that may be relevant for the application could
concern investigations on other factors, such as process temperature or presence of various
impurities in brine. Further improvements on the porous distribution of the lithium
capturing electrode could also be carried out, finding the trade-off structure between high
capture efficiency and low hydraulic resistance. The reactor scale-up, aimed to the further
increase of the final obtained volume, could be an additional step towards the use of the
technology at an industrial level.
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CDL Compact Double Layer
CE Counter Electrode
CSTR Continuous Stirred Tank Reactor
CV Cyclic Voltammetry
DDL Diffuse Double Layer
FBE Flow-By Electrodes
FTE Flow-Through Electrodes
GCPL Galvanostatic Cycling with Potential Limitations
IHP Inner Helmotz Plane
ICP-OES Inductively Coupled Plasma Emission Spectroscopy
LFP Lithium Ion Phosphate
LMO Lithium Manganese Oxide
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NMP N-Methyl-Pyrrolidone
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PFR Plug Flow Reactor
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ai activity coefficient of the species i -
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−1]
Ae area of the electrode [cm
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Am area of fluid passage [cm
2]
As solid and liquid exchange area [cm
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Ccdl capacitance of the compact double layer [µF cm
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E¯ averaged potential on the molar fraction of the solid [V]
Eh hydraulic energy required by lithium recovery process [Wh mol
−1]
Eid ideal potential [V]
Eeq equilibrium potential [V]
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Ered potential of the reduction branch [V]
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Et average between the reduction and oxidation potential
branches
[V]
E0 standard potential of the reaction [V]
E′ electrode potential contribution dependend on the state of
charge
[V]
fCC fraction of carbon cloth of the electrode -
fl porosity of the electrode -
fl,k fraction of porosity of the pore group k -
fs fraction of solid of the electrode -
fs,k fraction of solid of the pore group k -
fq,k fraction of flow rate of the pore group k -
F Faraday constant [C mol−1]
Gex excess Gibbs free energy of the intercalation reaction [J mol
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Hex excess enthalpy of the intercalation reaction [J mol
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i current density [mA cm−2]
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I current [mA]
Il diffusion limiting current [mA]
Ik circulating current in the pore group k [mA]
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k0 rate constant of the reaction [m s
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2]
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n number of electrons involved in the reaction -
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Ntot lithium moles transferred during the process -
Q circulating charge [mAh]
Qf maximum reduction charge [mAh]
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Qr reference charge of the electrode measured in “simil-
Atacama” solution
[mAh]
ri intercalation reaction rate of the cation species i [mol m
−3 s−1]
R constant of gas [J mol−1K−1]
Re Reynolds number -
Re radius of the electrode [µm]
Rh hydraulic resistance of electrode [mbar min ml
−1]
Rl resistance of the solution [Ohm]
Rp,k pore radius of the pore group k [µm]
S scan rate of the cyclic voltammetry [mV s−1]
t time [s]
T absolute temperature [K]
V volume of the solution [ml]
Ve electrode volume [µl]
vm mean velocity of the electrolyte in the pore [mm s
−1]
Vmix volume of the stirred tank [ml]
Vp pore volume [µl]
vp velocity of the electrolyte in the pore [mm s
−1]
Vr volume of solution retained in the cell [µl]
Vs volume of solid on the electrode [µl]
V1 volume of the source solution [ml]
V3 volume of the recovery solution [ml]
wij interaction term in the lattice between i and j species [J mol
−1]
Wk kinetic energy required by lithium recovery process [Wh mol
−1]
Wth thermodynamic energy required by lithium recovery pro-
cess
[Wh mol−1]
Wtot electric energy required by lithium recovery process [Wh mol
−1]
xi molar fraction of the cation species i in the solid -
zi valence of the ion -
α barrier coefficient of the electrochemical reaction -
γi activity coefficient of the species i -
Γ volumetric flow rate [ml min−1]
Γk volumetric flow rate of the pore group k [ml min
−1]
Γs saturation volumetric flow rate [ml min
−1]
δ Nernst diffusion layer [µm]
∆G Gibbs free energy of an intercalation reaction [J mol−1]
∆Gid ideal Gibbs free energy of an intercalation reaction [J mol
−1]
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∆Gm mixing Gibbs free energy of an intercalation reaction [J mol
−1]
∆G0 standard Gibbs free energy of an intercalation reaction [J mol−1]
∆Hm mixing enthalpy of an intercalation reaction [J mol
−1]
∆P pressure drop on the electrode [mbar]
∆Sm mixing entropy of an intercalation reaction [J mol
−1]
∆V potential difference of the cell [V]
∆ϕH Galvani potential difference at the solid and liquid interface [V]
∆ϕ0H Standard potential difference [V]
ϵr relative permittivity of a medium -
ϵ0 dielectric constant of the vacuum [F m
−1]
η¯ mean overpotential of the capturing reaction [V]
ηA overpotential of the oxidation semi-reaction [V]
ηc Coulombic efficiency of the intercalation reaction -
ηct overpotential due to the charge transport at the interface [V]
ηC overpotential of the reduction semi-reaction [V]
ηmt overpotential due to the mass transport [V]
ηr Coulombic efficiency of the deintercalation reaction -
ηΩ overpotential due to the ohmic drops [V]
µ viscosity of the solution [cP]
µi chemical potential of the species i [J mol
−1]
µαe chemical potential of the electron in the phase α [J mol
−1]
µ˜i electrochemical potential of the species i [J mol
−1]
ρ density of the solution [g dm−3]
ϕk Galvani potential of the liquid of the pore group k [V]
ϕs Galvani potential of the solid [V]
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